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ABSTRACT 

 
Reverse osmosis (RO) is an representative demineralization process using semipermeable 

membrane to separate the dissolved solids from solution. The semipermeable membrane allows liquid 

and some ions to pass, but rejects the majority of the dissolved substances. Although RO can be 

applied to various types of liquids, most dominant application of RO is water-based system. Up to 

now, RO membrane process has been proven to be the most economically feasible separation 

technology not only for the desalination of seawater, but also for purifying surface water contaminated 

with heavy metals, pesticides and other micro-pollutants. However, there are still demand in RO 

process such as the reduction of the operation energy, the prolongation of the membrane cleaning 

frequency, the optimization of membrane module, the RO system configuration design and the 

understanding about the separation mechanism of RO filtration processes. Firstly, the systematical 

studies for the interpretation of the relationship between feed pH and permeate pH in RO processes 

was carried out. And then, the permeate pH determining mechanism was further validated via pilot 

test. Inherent membrane permeability and RO element feed spacer thickness were chosen as pilot test 

variables, representing RO membrane property and RO element configuration, respectively.   

In the first part of study, the relationship between feed pH and permeate pH in RO membrane 

processing has been systematically investigated. The shift in the pH of the aqueous solution during 

filtration was evaluated throughout a broad range of feed pH, from pH 3 to 12, with or without 

carbonate species in the feed water. First, the surface of a commercial RO membrane was modified to 

neutralize the surface charge and to subsequently investigate the effect of the surface charge on both 

the pH shift of the aqueous solution during the filtration and individual ion removal rate. And the 

permeate pH values were predicted on the basis of the ion rejection of the RO membrane, charge 

balance of the aqueous solution, and dynamic equilibrium in the dissociation of water. The predicted 

pH values were then compared with both experimental data acquired in flat sheet filtration tests in a 

laboratory and pH data obtained from a commercially operating RO plant. The results support the 

hypothesis that the degree of shift in pH is mainly determined by the ion rejection of the RO 

membrane and that the critical pH is influenced by the feed water characteristics. 

In the second part of study, the permeate pH variation accompanied by RO system rejection 

alteration was estimated via long-term pilot test to further confirm the correlation between RO system 

rejection and permeate pH. Firstly, effects of intrinsic membrane permeability on the long-term 

operation stability and the permeate pH variation were evaluated with facing high fouling potential 

feed water condition. Generally, RO elements operating at a low pressure (LP) or a low energy (LE) 
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which enables energy saving, but also at the standard operating pressure with an enhanced permeate 

flux. In this study, the economical feasibility and permeate pH alteration behavior of the LPRO 

element were evaluated. The commercially available standard RO and LPRO were chosen, and the 

membrane properties including the fouling susceptibility and the surface characteristics were 

thoroughly evaluated. The variations of various performance parameters were monitored during an 

872 hr operation in a pilot system, which was operated at a constant flux mode. Then, the used 

membranes were analyzed to further verify the fouling load localization and fouling intensities. The 

average flux variation of the individual RO elements in a vessel and the economical feasibility of 

LPRO were also evaluated through a simulation study using an RO system design software. This 

study showed that the localization of fouling load within a pressure vessel of LPRO system caused 

about 20% higher flux decline and almost 2-times higher salt passage than those of standard RO 

membrane system. And the permeate pH deviation gap from feed pH became larger as the difference 

in salt rejection between two membranes was increased. So, it could be further confirmed that the salt 

rejection had dominant effect on the permeate pH determination in RO membrane processes. 

In the later part of this study, effects of the structural configuration of RO elements on the 

fouling behavior and membrane performance including permeate pH were evaluated. Generally, the 

performance deterioration of RO membrane processes caused by the accumulation of rejected solutes 

on membrane surface is an inevitable phenomenon in membrane processes. The feed spacer in spiral 

wound RO membrane modules can provide the structural support to keep feed channel open and also 

allow turbulent flow to mitigate solute concentration build-up at the vicinity of membrane surface. 

The objective of this study was to investigate the effect of feed spacer thickness on membrane fouling 

behavior, permeate pH variation, and cleaning efficiency in a pilot test during a 659 hr operation. Feed 

spacers made from polyethylene with different thickness 28-mil (1-mil is equal to 0.0254 millimeter) 

and 34-mil were used in pilot test. Other feed spacer design parameters such as angle and width 

between fibers were maintained as analogous. Fouling load distribution was studied by measuring 

normalized differential pressure of individual elements in pressure vessels. Foulant analysis according 

to feed spacer thickness was also conducted to compare fouling propensities. This study showed that a 

thicker feed spacer could reduce membrane fouling and subsequently decrease of membrane cleaning 

frequency and allow an even fouling load distribution along the modules installed in a pressure vessel. 

And the permeate pH deviation gap between two feed spacer cases was also evidently became 

significant as the difference in salt rejection increased. So, it could be confirmed again that the salt 

rejection was crucial factor in determining the permeate pH. 
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I. INTRODUCTION 

 

The introduction section presents the problem statements which gave the motivations for this 

research regarding the interpretation of the relationship between feed pH and permeate pH in RO 

processes and the validation of permeate pH determining mechanism via long-term pilot test which 

adjusting two variables, intrinsic membrane permeability and RO element construction materials. The 

preceded researches related to the major topics in this study are also provided in the problem 

statement part. And then, the objectives and scopes of this research are precisely described according 

to the specified individual research subjects. Lastly, the background and basic theories in RO 

membrane science were systematically presented.  

 

1.1  Problem statement 

Reverse osmosis (RO) membrane processing has been proven to be the most economically 

feasible separation technology both to desalinate seawater and to purify surface water contaminated 

with heavy metals, pesticides, and other micro-pollutants. RO can also be used to recycle wastewater 

and reclaim valuable resources from industrial waste streams. Another application of RO is to process 

food and beverages. Advances in biotechnology and pharmaceuticals, accompanied by the advances 

in the novel membrane development, are making membranes an important separation and 

fractionation step to provide energy savings without thermal degradation in the products. Furthermore, 

the design and operation of the RO process are relatively simple compared with the other traditional 

separation processes. The simultaneous achievement of the separation and concentration for diverse 

compounds is another merit of the RO process. 

Polyamide membranes are prepared via interfacial polymerization between diamine in an 

aqueous solution and acyl halide in an organic solvent, and such membranes comprise the majority of 

commercially available composite reverse osmosis membranes. The polyamide RO membrane 

consists of three structural components: polyester fabric, polysulfone support, and polyamide dense 

film layer. The polyester fabric and polysulfone support layer comprise almost the entire thickness of 

the membrane and provide it with the required mechanical strength to support active layer. The 

polysulfone support is a highly porous layer, and the thin polyamide layer, at approximately 0.1-0.2 

µm thick, is a permselective barrier for desalination, water reclamation and reuse, or other 

purification/concentration processes [1-24]. The top layer of the polyamide RO membrane has 

residual carboxylic acid (-COOH) and amine (-NH2) groups on its surface. The surface charge of the 

polyamide RO membrane becomes more negative as the pH increases and more positive as the pH 
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decreases due to the deprotonation of the carboxylic groups and the protonation of the amine groups, 

respectively [25-27]. Therefore, the feed pH in the RO process can alter the surface charge 

characteristics, influencing the membrane separation performance of the RO process.  

Many studies have considered the effect that the feed pH has on polyamide RO membrane. 

However, most of these studies have mainly intended to either investigate the rejection of individual 

ions or target organic compounds of interest at various feed pH [28-40]; investigate the effect of the 

feed pH on the surface charge of the polyamide RO membrane [30, 34, 36, 41, 42]; and/or evaluate 

the effect of the feed pH on the morphology of the membrane surface, membrane performance, and 

fouling propensity [30, 34, 41, 42]. Few studies have investigated the relationship between feed pH 

and permeate pH in the RO process. Qin et al. [43, 44] studied the effect of the feed pH on the 

permeate pH using nanofiltration (NF) and RO membranes. They observed a critical pH, below which 

the pH of the permeate became higher than that of the feed but above which the pH of the permeate 

was lower than that of the feed, and this critical pH was close to the isoelectric point (IEP) of the 

membranes [43]. They also explained that the difference in pH of the feed and permeate is due to the 

electrostatic, repulsive interaction between the membrane and protons below the critical pH and the 

rejection of bicarbonate during filtration above the critical pH [44]. Qin et al. also mentioned that 

above the critical pH of 4.3, the hydrated carbon dioxide (or carbonic acid) converted to HCO3
-
, 

which is more highly rejected by a negatively charged polyamide NF and RO membrane through 

electrostatic charge repulsion. Therefore, when the feed pH was higher than 4.3, the HCO3
-
 tended to 

be rejected by the NF and RO membranes, regardless of its IEP, resulting in a lower [HCO3
-
] in the 

permeate than in the feed. To maintain the constant equilibrium constant (pKa) of carbonic acid, a 

higher [H
+
] or lower pH was required in the permeate stream. However, considering that the pKa of 

carbonic acid is 6.3, the conversion of carbon dioxide to HCO3
- 
at pH 4.3 is negligible. Consequently, 

the speciation change of carbon dioxide does not sufficiently explain the permeate pH depression.  

Below the critical pH 4.3, HCO3
-
 was no longer dominant, so the effect of HCO3

-
 on the 

permeate pH variation was negligible while H
+
 permeation became a governing factor. According to 

Qin et al. [44], the H
+
 was rejected by the RO membrane due to the electrostatic repulsion between the 

protons and the positively charged membrane surface at a low pH, resulting in a lower concentration 

of protons or higher pH in the permeate than that in the feed. Ion rejection by the polyamide RO 

membrane was also reported along with the shift in pH during filtration [44]. Given the same ion 

valance between a proton and sodium, the rejection of the two ions at a low pH may be affected by the 

hydration radius. The hydration radius for a sodium ion is much larger than that of a proton, so we can 

infer that the rate of proton rejection might be smaller than that of sodium at a low pH. However, the 

explanation for the permeate pH elevation at a low pH region was not compatible with their rejection 

data, and negative proton rejection was also suggested in another study [38]. Negative proton 
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rejection infers preferential passage of protons through the membrane and subsequently higher proton 

accumulation in the permeate. To maintain a charge balance, the equivalent amount of anions has to 

pass through the membrane along with the protons, but no negative rejection of anions was reported in 

their results. Understanding the change in pH of aqueous solutions during membrane filtration is 

important since reliable permeate pH prediction can enable system engineers to conduct an accurate 

process design, in particular to calculate the chemical dosages. Furthermore, predicting the permeate 

pH based on an applied membrane’s performance and feed water characteristics is quite helpful to 

comply with permeate water pH criteria.  

The relationship between permeate pH and RO system performance variation needed to be 

estimated via actual long-term pilot test. Firstly, intrinsic permeability of RO membrane was set as 

variable for evaluating the long-term performance stability of RO system and the permeate pH 

alteration. The cross-linked aromatic polyamide based RO membrane that was developed in the late 

1980s exhibited a significantly improved permeate flow rate and water quality compared with the 

other material based RO membranes. Since that time, with the development of the polyamide based 

RO membrane preparation technologies, the RO membrane performance has been enhanced very 

rapidly and steadily [1-11, 17, 45-47]. Low-pressure RO (LPRO) elements (higher flow rate) that can 

be operated at low pressures such as 7.5 bar have been developed for energy saving; furthermore, 

ultra-low-pressure RO elements that can be used at much lower operating pressures such as 3 bar to 5 

bar were also developed [2, 48, 49]. With the advances in the membrane performance, the portion of 

the RO element cost in terms of the RO system has simultaneously decreased [1, 2, 6, 50]. However, 

despite the numerous benefits of the adoption of the RO membranes for various applications and the 

recent noticeable progress in the membrane performance, the membrane still suffers from the 

membrane fouling that is an accumulation of organic matter on the membrane surface. Fouling by 

such a build-up of organic contaminants can cause irreversible damage to the membrane surface, 

which can deteriorate the membrane performance during the system operation, eventually leading to a 

shortening of the membrane lifetimes [10-12, 18, 45, 51-61]. And more severe fouling can be 

generated at higher permeate water flux and lower crossflow velocity [62-65]. Norberg et al. 

investigated the fouling resistance of commercial LPRO membranes using a feed solution with high 

organic contents and total dissolved solids [66]. Several researches on the development fouling 

resistant LPRO membrane were also conducted by the modification of membrane surface [67-71]. 

Furthermore, Huang et al. suggested the necessity of more advanced pretreatment process to prevent 

membrane fouling occurrence in the LPRO membrane adopted water treatment system [48]. However, 

few studies were conducted by directly comparing the variations of both system performance and 

individual elements performance between standard and LPRO membranes in a pilot scale. The 

application of LPRO can be also limited by the membrane fouling. So, the feasibility evaluation and 
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the monitoring of long-term performance variation including permeate pH of low-pressure RO 

membrane (LPRO) with facing high fouling potential feed water is essential for suitable and stable 

RO plant design and management. It has been long believed that the LPRO membranes cause the 

decrease in operation pressure and slight increase in salt passage under the operation at constant flux 

mode. Furthermore, the lower pressure operation of LPRO membranes also has been considered 

favorable with respect to mitigation of membrane fouling. However, the unevenness of flow rate 

among individual elements in a pressure vessel might be more intensified in LPRO due to its 

inherently higher permeability. As a result, there can be a significant difference in the long-term 

operational stability, especially the membrane fouling susceptibility and system rejection variation 

along with the permeate pH alteration, between standard and LPRO membranes.  

Secondly, the effects of RO element construction material type on the long-term operation 

stability and the permeate pH variation behavior were evaluated. The spiral wound membrane 

modules are the most common type of RO module used for today. The major benefit of spiral wound 

module is the moderately dense packing density higher than, for example, plate and frame or tubular 

modules. Due to a relatively high surface-to-volume ratio, spiral wound module has a high 

productivity per unit volume. The spiral wound module contains several flat membrane envelopes that 

are sandwiched between feed spacers and are then rolled around a perforated central tube. The feed 

spacer in spiral wound module is the plastic netting or mesh between the membrane leaves, and it 

provides a space or flow channel for the water to pass over the membrane surface. The feed spacer 

also can be referred as mesh spacers, channel spacers or feed channels [1, 2] and it provides favorable 

mass transfer and mixing behavior, hence reducing the membrane fouling propensity. It is well known 

that feed spacer geometry and surface characteristics have a major impact on spiral wound RO 

membrane performance. Many studies considering the effect of feed spacer on RO membrane 

performance have been conducted in terms of permeate flux, salt rejection, and fouling propensity. 

Most of these studies were mainly intended to (1) estimate the effect of feed spacer surface 

modification on fouling resistance [53, 72-74], (2) investigate the effect of feed spacer geometry on 

membrane performance in terms of permeate flux, salt rejection and fouling susceptibility [53, 75-80], 

and (3) perform simulation studies on fluid dynamics with regard to feed spacer geometry allowing 

interpretation of solutes and membrane surface interactions [73, 81-91]. Previous studies have shown 

that the thicker feed spacers may influence the hydrodynamics of flow to provide turbulence at the 

membrane surface and eventually lower concentration polarization [1, 2, 75, 76, 80, 89]. The majority 

of these studies, however, were primarily based on the laboratory tests using membrane coupons or 

intended to monotonically compare fouling rate and with feed spacers having different characteristics. 

A more comprehensive study about feed spacer thickness in terms of RO system performance 

variation including permeate pH shift behavior is necessary for a better understanding of the 
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feasibility of thicker feed spacer for spiral wound RO elements, and the dominant factor determining 

the permeate pH [92, 93]. 

 

1.2  Objectives and scopes of this work 

The objective of this dissertation is to understand the permeate pH determining mechanism 

and to further validate the permeate pH variation through long-term pilot test by relating the permeate 

pH to RO system performance variation. The first part of this dissertation focuses on identifying the 

correlation between the feed pH and permeate pH to clearly understand the separation mechanism of 

the RO membranes. The later part of this dissertation, the permeate pH determining mechanism was 

further validated via long-term pilot test. Intrinsic RO membrane permeability and RO element feed 

spacer thickness were adjusted to generate variations in RO system rejection, which was proven as the 

most crucial factor in determination of the permeate pH.  

Firstly, the permeate pH shift behavior was investigated throughout the broad feed pH range 

(pH 3–12) in the absence or presence of the carbonate species in the feed solution. In comparison with 

the preceded permeate pH determining mechanism based on the selective removal of substances in the 

feed water, this methodological approach enables the more general description applicable to the entire 

feed pH range and the more evident interpretation of the critical pH in RO membrane filtration. In 

both cases, the permeate pH was calculated on the basis of the RO membrane rejection rate, charge 

balance, and dynamic water dissociation constant of permeate water. The predicted permeate pH data 

were then compared with the experimental results acquired from the laboratory flat sheet filtration 

tests. Furthermore, the predicted result was compared with real operational data for RO in several 

water/wastewater/seawater treatment plants to further evaluate the pH shift mechanism. In addition, 

the surface of the commercially-available RO membranes was modified to neutralize the membrane 

surface charge and further confirm the effect of the surface charge on the pH shift and individual ion 

rejection rate of the permeate water. 

Along with the validation of permeate pH determining mechanism in RO process, the 

permeate pH variation accompanied by RO system performance deterioration needed to be estimated 

via long-term pilot test to further confirm the correlation between RO system performance and 

permeate pH. For this purpose, long-term pilot tests adopting RO elements with different permeability 

and RO elements with different construction material (feed spacer thickness) were separately 

conducted. Firstly, effects of intrinsic membrane permeability on the long-term operation stability and 

the permeate pH variation were evaluated with facing high fouling potential feed water condition. The 

feasibility of the LPRO elements was evaluated through the performance monitoring of long-term 
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pilot test wherein the feed water with a high fouling potential is adopted and the conduction of a RO 

system design simulation study based on the pilot test results. Two types of RO element with different 

permeate water flux were chosen for the pilot test. The basic membrane properties including the 

fouling resistance and the surface characteristics were evaluated and compared. And then, the 

performance variation of the RO systems installed with the two different types of RO element was 

monitored during the entire test period (872 hr). The feed pressure, normalized permeate flow rate 

(NPF), normalized salt passage (NSP), and pH values of feed and permeate were monitored as the 

representative performance parameters during the pilot test. The performances of the individual RO 

elements in the pressure vessels were also measured and compared to verify the fouling load 

localization after the completion of the pilot test. The membrane coupons and the foulants extracted 

from the used RO elements were investigated to evaluate the fouling behavior according to the 

permeate water flux of the RO elements. Furthermore, the average flux variation of the individual RO 

elements in a vessel and the economical feasibility of LPRO were evaluated through the simulation 

study using the RO system design software CSMPro 5.0 (Toray Chemical Korea Inc.). Especially, the 

design software input variables including the annual flux decline and the annual salt passage increase 

were adjusted through the adoption of the preceding pilot test results, thereby enabling the evaluation 

of the economical feasibility of an LPRO operation that faces high fouling potential feed water.  

In the later part of this study, effect of feed spacer thickness of RO elements on the fouling 

behavior and membrane performance variation including permeate pH were evaluated. At first, the 

performance of RO system was monitored throughout the test period in terms of normalized 

differential pressure (NDP), normalized salt rejection, and pH values of feed and permeate. Fouling 

inclination trends and cleaning efficiencies were also estimated within this period. After finishing the 

pilot test, the fouling load distribution of the elements within a pressure vessel was investigated to 

directly compare the fouling propensity with regard to feed spacer thickness. Finally, RO module 

autopsy study was conducted to further compare the fouling intensities.  
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II. BACKGROUND AND BASIC THEORY 

 

This section exhibits the brief summary of background and basic knowledge related to this 

dissertation. Definitions and descriptions including the membrane process, types of membrane, 

principles of RO membrane process, major historical achievements in RO membrane science, basic 

terms describing the various phenomena in the RO membrane process, widely used mathematical RO 

membrane transport models, and representative structural configuration of RO membrane are 

systematically summarized and presented.    

 

2.1  Membrane process 

Membrane separation processes have been regarded as critical part in the diverse separation 

industry. And membrane adopting processes can be differentiated based on the characterized 

separation mechanisms and the size of the incorporated target separating particles. The most widely 

used membrane processes include microfiltration, ultrafiltration, nanofiltration, reverse osmosis, 

membrane contactors, membrane distillation, pervaporation, electrodialysis, electrolysis, dialysis, and 

gas separation. Among above described processes, only pervaporation cause phase alteration from 

aqueous phase to gaseous stream during separation step. And the entire processes are operated by the 

applied pressure during the separation process only except (electro) dialysis. Microfitration and 

ultrafiltration is widely used in food and beverage processing (beer purification, various types of juice 

dewatering), bio-technological applications, pharmaceutical industry (fractionation) water purification, 

advanced wastewater treatment (single process and/or as pretreatment step for subsequent RO/NF 

process), microelectronics industry, and others. On the other hand, nanofiltration and RO membranes 

are mainly used for aqueous stream involved water treatment purposes. And, the relatively dense 

membranes are exclusively utilized for the gas separation processes including oxygen enrichment, 

removal of CO2 from natural gas, and organic vapor removal [1, 2, 4-6]. 

 

2.2  Types of membrane 

A membrane can be defined as a separating barrier between the two compartments which 

contain different fluids. Liquid and only the marginal portion of some dissolved materials can pass to 

the permeate side through a semipermeable membrane, but the majority of the dissolved materials are 

rejected. The membranes which act as a separating barrier can be chemically homogeneous 

(symmetrical) in composition and cross-sectional physical structure, or it also can be chemically or 
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physically heterogeneous (anisotropic) intrinsic natures. Fig. 2.1 illustrates the conceptual images of 

membrane types based on the chemical composition and cross-sectional physical structure. For 

example, a thin film composite (TFC) polyamide RO membrane that consists of (i) a top thin skin 

polyamide barrier layer, (ii) a middle polysulfone porous support, and (iii) a bottom non-woven fabric 

reinforced layer is an representative chemically and physically heterogeneous types of membrane. On 

the other hand, the microporous membranes which contain mostly the single chemical composition 

and the symmetric cross-sectional structure can be defined as chemically and physically homogeneous 

membrane  [1, 2, 4-6]. 

 

 

Figure 2.1 Schematic diagram of the principal types of membranes (Source: 
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2.2.1  Symmetric membrane 

Microporous membrane : A microporous membrane is very similar to the conventional 

filter in physical structure and separating mechanism. Generally, the microporous membrane contains 

a highly porous physical structure which can be characterized by the pore distribution with a random 

manner and the interconnected pore network. However, the pore size of microporous membrane is 

within the range of 0.01 to 10 μm in mean diameter which is much smaller than that of conventional 

filters. Generally, the separation of dissolved/mixed solutes by microporous membranes is mainly 

considered as a function of solutes size and pore size of membrane, so called sieving effect. The 

particles having larger size than the diameter of pores are completely rejected by the membrane. On 

the other hand, the particles having the size within the range of the largest pores and the smallest 

pores are partially rejected, and the degree of removal rate is mainly determined by the pore size 

distribution of the membrane. Accordingly, the particles which have much smaller size than the 

diameter of smallest pores freely pass to the permeate side of the membrane. Generally, it is 

considered that the solutes which have a noticeable difference in the size can be separated effectively 

by sieving effect of the microporous membranes such as microfiltration and ultrafiltration. 

Non-porous, dense membranes : Non-porous membranes generally comprise a dense film 

barrier layer through which the partially permeable solutes are partitioned by the diffusive 

transportation. And the diffusivity of permeable solutes is led by the specific applied driving forces 

such as electrical potential gradient, concentration difference, or hydraulic pressure. The 

fractionation/separation of mixture with diverse components through the non-porous membranes is 

directly related to the relative difference in the passage rate of components within the membrane 

network. And, the passage rate of each components is dominantly determined by its solubility and 

diffusivity in the intrinsic membrane material. Consequently, the non-porous membranes can separate 

components which having the almost comparable molecular size, only if their concentration 

(solubility/diffusivity) within the membrane matrix can be distinguished notably. And, most RO 

processes, pervaporation, and gas separation adopt dense membranes to conduct the specific aimed 

separation process. The non-porous membranes usually contain an anisotropic (asymmetric) structure 

due to the inherently lower permeate flux of dense membranes. 

Electrically charged membranes : Electrically charged membranes are known to be dense 

or microporous. However, most charged membranes possess the typical microporous structure, with 

fixed positively or negatively charged ion segments on the pore walls. A membrane containing fixed 

ions with positive charge is regarded as an anion-exchange membrane, because it interacts with anions 

in the facing feed solution. Correspondingly, a cation-exchange membrane has a negatively charged 

fixed ions which binds with cations in the feed water.  
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The separation behavior of the charged membranes is mainly determined by the intensity of 

repulsive interaction between the fixed ions of the membrane matrix and the ions with analogous 

charge in the feed stream, on the other hand, affected much lesser extent by the sieving mechanism. 

The charge valence and concentration of the individual ions in the feed solution also affect the 

removal behavior of charged membrane. Generally, the multivalent ions are more effectively rejected 

than monovalent ions and the selectivity of charged membranes decreases in the high ionic strength 

feed solution. The electrically charged membranes are mainly used for the processing of electrolyte 

solutions in electrodialysis [1, 2, 4-6]. 

 

2.2.2  Asymmetric membrane 

The passage rate of a solutes and solvent (e.g. water) through a permselective membrane is 

inversely proportional to the membrane thickness due to the enhanced flow resistance. Evidently, 

higher passage rates are desirable in membrane processes due to the economical reasons. Therefore, 

membranes need to be as thin as possible to minimize the flow resistance. From this perspective, the 

development of unprecedented membrane preparation techniques to form an asymmetric cross 

sectional membrane structures was one of the major breakthroughs in the field of membrane science 

and technology. As illustrated in Fig. 2.1, the asymmetric membranes typically include an extremely 

thin barrier layer which exclusively determine the selectivity and permeation flow rates for the 

various solutes of the resultant membrane. On the other hand, the substructure mainly gives the 

required mechanical strength for the entire membranes. So, the most commercialized membrane 

adopting processes utilize the asymmetric membranes due to the higher permeation fluxes originated 

from the anisotropic cross sectional structures of those membranes. The surface barrier layer and its 

substructure can be prepared in a single step or separately. Additionally, the layers also can be made 

from different polymers to prepare composite membranes with desired configuration. The majority of 

commercially available membranes are prepared from polymer-based materials. However, interest in 

membranes manufactured from novel materials has considerably increased in recent years. The 

special type of microporous ceramic membranes are exclusively used in the specific ultrafiltration and 

microfiltration applications for which thermal stability and enhanced solvent resistance are essentially 

required. Dense metal based membranes, especially palladium membranes, are widely applied for the 

gas separation purpose, and supported liquid membranes are used for the specialized carrier-facilitated 

transport processes [1, 2, 4-6]. 
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2.3 Reverse osmosis (RO) process    

2.3.1 Principle 

The phenomenon of osmosis is regarded as a natural process when the pure water flows 

through a semipermeable membrane from a dilute saline solution into a higher salt concentration 

solution. The conceptual meaning of semipermeable is that the membranes have selectivity for species 

exist in the facing feed water. As illustrated in Fig. 2.2, a cell is divided into two independent 

compartments by a semipermeable membrane. This membrane allows water and only insignificant 

portion of dissolved species to permeate through it to either side, but the membrane is impermeable to 

most dissolved solids. And, one compartment in the cell contains a solution with higher salt 

concentration while the other compartment involves a solution which has a much lower salt 

concentration compared to either side of cell.  

As a fundamental rule of nature, this cell system will attempt to reach the chemical 

equilibrium spontaneously. The term equilibrium in this situation refers to the same salt concentration 

on both sides of the semipermeable membrane. And the only viable option to reach the chemical 

equilibrium is for water to permeate from the lower salt concentration compartment to the higher salt 

concentration section. Consequently, the water flow through a semipermeable membrane will be 

maintained by osmosis pressure gradient until the dissolved solid concentration of both sides of 

membrane becomes equalized. After reaching the equilibrium, the concentration of dissolved solids is 

analogous for both compartments and no more water flow is occur from one section to either side of 

membrane. The compartment which has an initially higher dissolved solids concentration now also 

contains a higher water level than the other compartment. Fig. 2.2 visually shows that the osmosis 

phenomenon can lead a rise in the height of the more concentrated solution. This height increase will 

continue until the pressure of the higher salt concentration solution column (salt solution) becomes 

enough to stop the water flow originated by the osmosis. The difference in the height between two 

compartments at the equilibrium point is called as the osmotic pressure of the solution. And up to 

dates, the osmotic pressure calculation of Jacobus Henricus van’t Hoff is still used as modified for the 

dilute solution by Harmon Northrop Morse in equation (2.1).  
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Contrary to osmosis, the external hydraulic pressure greater than osmotic pressure difference 

is applied on the compartment including the solution with higher salt concentration in the reverse 

osmosis process (Fig. 2.2). So, the water flow direction through the semipermeable membrane 

reversed, water now moves from the compartment containing higher concentration solution to the 

either section. This is the basis of the term reverse osmosis. By this manner, the reversed flow 

generated more purified water from highly concentrated saline solution, since the majority of the 

dissolved solids are removed by the semipermeable membrane. As a result, the water in the one 

section is demineralized and/or purified, and accordingly the dissolved solids existed in the 

pressurized compartment are dewatered and/or concentrated. [1-6, 13, 21] 

 

 

Figure 2.2 Principles in comparison of a natural osmosis and reverse osmosis. 

 

2.3.2 History of reverse osmosis membrane 

The terms of "Osmosis" and "Reverse osmosis" have been considered as well-known 

phenomena for several years, and numerous studies on these phenomena were conducted by many 

researchers over the last two decades. However, the adoption of RO process as a practicable 

separation technique has become possible only recently. Factually, the capability to separate salt from 

salined water of RO process was demonstrated barely in the late 1950’s, although the permeate water 

flow rate was not enough for practical application. And then, as described in Fig. 2.3, the development 

of an asymmetric membranes with enhanced permeate water flow rate and fairly acceptable salt 
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removal capability, hence making RO processes both technically achievable and economically 

feasible method. The development of polyamide based thin-film composite membrane which 

containing increased permeate flow rate and enhanced salt rejection is another major breakthrough in 

RO membrane history (Fig. 2.3). The polyamide based composite RO membranes are prepared 

through interfacial polymerization reaction between diamine in an aqueous solution and acyl halide in 

an organic solvent. The polyamide RO membrane consists of three structural components: polyester 

fabric, polysulfone support, and polyamide dense film layer. The polyester fabric and polysulfone 

support layer comprise almost the entire thickness of the membrane and provide it with the required 

mechanical strength to support active layer. The development of thin-film composite RO membrane 

enabled more expanded applications of RO process due to its augmented chemical stability against 

wider pH ranges, higher feed solution temperatures, and various chemicals involved in RO system 

operation. Up to dates, the application field of RO membranes has been expanded from conventional 

seawater and brackish water desalination to the innovative area including food/beverage processing, 

softening of water with high hardness, ultrapure water production for electronics industry, and 

advanced wastewater reclamation processes. The advantages of RO processes compared to the 

traditional separation techniques such as ion exchange, extraction, adsorption, and distillation are that 

there is no energy consuming phase transition which can cause deformation of valuable resources 

during separation process, and no incurrence of additional costs for potentially expensive solvents or 

adsorbents [94-96]. 

RO process is known to be intrinsically simple to design and operate compared to other 

traditional separation techniques, and the capability of simultaneous separation and concentration of 

various solutes in the feed stream is another major merit of RO process. Additionally, selective 

separation among ion mixtures and/or low molecular weight organics can be achieved based on 

charge characteristics and molecular weight/size differences by adopting nanofiltration membrane. 

The RO process also can be easily combined with other membrane based separation processes such as 

microfiltration, ultrafiltration or other separation processes such as pervaporation, distillation to 

consititute the hybrid processes with enhanced efficiency and permselectivity. However, further 

improvements in RO membrane is demanded due to the wider expansion of RO applications which 

were not applicable for conventional RO membranes. So, RO membranes need to be developed for 

the improved flux and salt rejection, the enhanced chlorine tolerance, and the increased fouling 

resistance. Recently, the introduction of inorganic nano-sized materials in the conventional RO 

membrane give feasible insights for the development of novel RO membranes. The major milestones 

in the RO membrane history is briefly illustrated in the Fig. 2.3. 

   



  １６ 

 

 

Figure 2.3 Major achievements of RO membrane development upon time flow. 
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2.3.3 Basic terms and definitions 

The basic terms and practical issues involved in RO process are defined in this section, and 

most widely used RO membrane transport model is also deliberately described to relate the membrane 

performance to operating variables. Additionally, detailed descriptions on the polyamide based thin-

film composite RO membrane are summarized.      

 

2.3.3.1 Flux and rejection 

The term “Flux” in membrane process is generally defined as the volume of liquid flow 

passed through the membrane at given time and unit effective membrane area. In case of RO 

membranes, the flux is usually designated as GFD (Gallons (volume of water passed through the 

membrane) / ft
2
 (given membrane area) · day (given time)). And, as can be seen in equation (2.2), the 

flux is directly proportional to the net driving pressure exerted on the RO membrane and more 

intensive explanation on the equation (2.2) provided in the following transport model section. The 

water permeability coefficient K is an intrinsic property of adopted RO membrane, and the coefficient 

K of polyamide RO membrane also obviously affected by facing solution characteristics including pH 

and solution temperature. 

 

           JW = K(∆P – ∆
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and brine concentration is preferred for more accurate and realistic rejection calculation in RO system 

operation. Furthermore, rejection is also affected by the inherent property of the specific components 

in the feed water. The valance and charge density of ionic species are known to play a dominant role 

in determining its removal rate by RO membrane. Generally, the removal rate of the multi-valent ions 

are higher than that of mono-valent ions. And, there are widely accepted considerations on the RO 

membrane rejection variations for specific materials as follows. 

 

 a. Degree of dissociation : Rejection increases as to the degree of dissociation increment, (for 

example, boric acid rejection increased at higher pH due to its speciation was converted to borate 

anion) 

 b. Molecular weight : Rejection increases along with the increment of molecular weight, (for 

example, calcium rejection is slightly higher than that of magnesium)                                                             

 c. Polarity : Rejection increases proportionally with the increment of polarity, (for example, organic 

species are better rejected than that of water molecules) 

 d. Degree of hydration : Rejection increases according to the degree of hydration increment, (for 

example, chloride rejection is higher than that of nitrate) 

 e. Degree of molecular branching : Rejection increases as to the increment of branching, (for 

example, isopropanol rejection is higher than that of normal propanol) 

 

2.3.3.2 Concentration polarization and membrane fouling 

The concentration of solutes in the boundary (stern) layer which is formed at the vicinity of 

membrane-feed solution interface can be inevitably built-up due to the removed solutes and 

membrane-directed permeate water flux. This concentration build-up at the membrane surface is 

called as concentration polarization, and this phenomenon seriously deteriorate the performance of 

RO membrane. First of all, as described in Section 2.2., the permeate water flux is inversely 

proportional to membrane thickness. The additional hydraulic resistance led by concentration 

polarization can work as another membrane layer which can prevent the permeate water flow through 

the RO membrane. Secondly, the concentration build-up of removed solutes within the boundary layer 

can generate osmotic back pressure from membrane surface to bulk feed solution which can decrease 

the net driving pressure. The effective net driving pressure can be conceptually estimated by 

subtracting the osmotic back pressure from applied feed pressure. Considering the dependence of 

permeate flux on the applied feed pressure, the osmotic back pressure induced by concentration 

polarization can decrease the permeate water flux noticeably. Thirdly, the concentration polarization 

also can affect the salt passage (salt removal capability) through the RO membrane. The salts passage 
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through the RO membrane is primarily determined by the concentration difference of the solutes 

between feed and permeate compartments. As described in Fig. 2.4, the solutes accumulation on 

membrane surface led by concentration polarization can increase the feed concentration on membrane 

surface (Cs) which is much higher than that of bulk feed solution concentration (Cb). Accordingly, 

more enhanced salts passage (lower salt rejection) can be expected compared to those estimated from 

the bulk feed solution concentration. 

 

 

Figure 2.4 Concentration polarization in the RO process (Cb: concentration of the solute in the bulk 

feed phase, Cs: concentration of solute at the membrane surface). 

 

Membrane fouling is another crucial issue in membrane process and as illustrated in Fig. 2.5, 

it can be defined as irresistible membrane performance deterioration originated by the deposition of 

removed organic and/or inorganic substances on membrane surface. For most cases, membrane 

fouling is known to be generated exclusively on the feed and brine side of membrane element. The 

fouling propensity is predominantly dependent on the degree of concentration polarization, so the 

system operation with higher permeate water flux and lower feed solution velocity along the 

membrane surface can enhance the intensity of membrane fouling. The higher flux operation can 

generate more prompt concentration build-up of retained matter within the boundary layer which is 

induced by the concentration polarization. As a result, these removed substances will inevitably 

deposit on the membrane surface which give an additional resistance to the permeate water flow. In 

the case of feed solution crossflow velocity, as can be seen in Fig. 2.4, the boundary (stern) layer 
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thickness can be affected by crossflow velocity. The boundary layer thickness increases at the 

relatively lower feed solution velocity condition. And, the expansion of boundary layer thickness 

proportionally enhances the build-up of retained solutes within the layer. Furthermore, the retention 

time of solutes in the boundary layer also increased with the increment of the boundary layer 

thickness, which can generate more favorable condition for accelerated membrane fouling.  

 

 

Figure 2.5 Conceptual illustration of membrane fouling propagation and optical image of organic 

fouled RO membrane surface. 

 

Membrane fouling is needed to be considered as a very complex phenomenon which is 

related to the both operational conditions and interaction between foulant and membrane surface. The 

membrane surface deposition, pore clogging, and inner pore wall adsorption are regarded as most 

widely adopted fouling mechanism. Membrane fouling can lead to the formation of an additional 

resistance layer which prevent the permeate water transport through the membrane. Assuming the 

constant flow mode operation of the most commercial RO plant, the operating pressure need to be 

adjusted to a higher value to meet the designed permeate water production capacity. Furthermore, the 

chemical cleaning of RO system (CIP) also must be conducted in frequent intervals. The higher 

differential pressure is an another serious issue involved in membrane fouling. The differential 

pressure can be defined as the difference between the feed pressure and the concentrate flow pressure. 

And the differential pressure can be estimated by measuring the pressure drop as the feed water passes 



  ２１ 

 

through the feed channels. So, the feed channel blocking due to the membrane fouling can lead an 

increase in the differential pressure, which can be an indicative for the estimation of the fouling 

intensity of membrane. Additionally, the higher differential pressure can be converted to the axial 

direction from the membrane surface (especially membrane element) which can cause the physical 

deformation of membrane and/or membrane element. 

 

2.3.4 Transport models of RO membrane 

Transport model in membrane process is adopted in order to systematically relate the 

membrane performance behavior including solvent flux (typically water) and solute flux to the 

operating condition variations such as operation pressure, feed water concentration, and feed water 

temperature etc. Numerous transport models have been developed to mathematically describe the 

material diffusion through the RO membrane. However, most models are mainly based on the 

restrictive assumptions and have a problem of higher complexity. The solution-diffusion model 

described in the following section best explains the performance behavior of RO membranes and is 

considered as the most reliable theory about the transport mechanism of RO membrane. 

 

2.3.4.1 Solution-diffusion model (Non-porous / Perfection model) 

Londsale et al. primitively proposed the solution-diffusion transport model to describe the 

transport phenomenon of nonporous membranes [97]. The principal assumptions of the solution-

diffusion perfection model are that the RO membrane is nonporous and physically perfect without any 

single defect within the membrane. As a result, the transport of substances through the nonporous RO 

membrane only takes place by the dissolution of molecules (water and solute) into the membrane and 

the subsequent diffusion through the membrane matrix. Accordingly, no convective flow through the 

membrane pores and/or defects are considered in the solution-diffusion perfection model. The 

independence of solvent and solute transport in the solution-diffusion perfection model is further 

described in the following equations (2.4 and 2.5), respectively. As described in equation (2.4), the 

solvent (water for most cases) flux is directly proportional to the applied pressure across the 

membrane. 

 

             JW = A(∆P – ∆
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On the other hand, the solute flux through the membrane is linearly proportional to the solute 

concentration difference across the membrane.  

 

             JS = K(CA2 – CA3)                                                                                                            (2.5) 

(JS : Solute flux, K : Salt permeability coefficient (Diffusivity of solute through the membrane), CA2 : 

Molar concentration of solute at the boundary layer, CA3  : Molar concentration of solute in the 

permeate)  

Because of the simplicity and close proximity to empirically acquired membrane 

performance data, the equations (2.4 and 2.5) are most widely adopted to describe the water and 

solutes transport through the RO membrane. As described in equation (2.4), no permeate water flux is 

confirmed until the applied feed pressure (∆P) exceeds the osmotic back pressure (∆
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              NS = JS + K3∆PCF = K(CA2 – CA3) + K3∆PCF                                                                (2.7) 

(NS : Total solute flux, CF : Solute concentration on the feed) 

The first terms on the right side in equations 2.6 and 2.7 designate the contribution led by 

solution-diffusion perfection model, and the second terms demonstrate the bulk pore flow caused by 

the imperfections in the RO membrane. Noticeably, the values of K3∆PCW reported so far are at least 

two-orders of magnitude smaller than those of water permeability coefficient A. Therefore, the 

convective pore flow of water is negligible when comparing to the amount of diffusive water flow 

through the membrane (equation 2.6). On the other hand, the occupying portion of convective solute 

flow via the imperfections in the membrane matrix is considerably high, which ranges from 2 to 40% 

of the total solute flux (equation 2.7). Consequently, if there are any physicochemical imperfections in 

the discriminating layer, the salt rejection would be notably affected compared to the permeate water 

flow rate. The solution-diffusion imperfection model predicts the performance variation of RO 

membrane better than solution-diffusion perfection model alone and other porous medium based RO 

simulation models.  

 

2.3.5 Thin film composite polyamide RO membrane 

Polyamide RO membranes were developed aimed to improve the performance and to 

overcome the drawbacks of cellulose acetate based RO membrane. Generally, polyamide based RO 

membranes are prepared via interfacial polymerization reaction between diamine in an aqueous 

solution and acyl halide in an organic solvent, and such membranes comprise the majority of 

commercially available composite RO membranes (Fig. 2.6). Firstly, a finely microporous substrate 

(mostly polysulfone based UF grade membrane) is prepared by nonsolvent induced phase separation 

(NIPS) method. And then, the polysulfone substrate is saturated with diamine monomer dissolved 

aqueous solution. Lastly, the amine monomer saturated polysulfone substrate is immersed in a water-

immiscible organic solvent containing a reactant such as trimesoyl chloride. The acid chloride and 

diamine react at the interface of the water and organic solvent to form a highly cross-linked polyamide 

thin film. The polyamide RO membrane consists of three structural components: polyester fabric, 

polysulfone support, and polyamide dense film layer. The polyester fabric and polysulfone support 

layer comprise almost the entire thickness of the membrane and provide it with the required 

mechanical strength to support active layer.  

The polysulfone substrate layer is typically 40 to 80 um thick, while the total thickness of the 

resultant polyamide RO membrane is about 120 to 200 um thick. The thin polyamide layer, at 

approximately 0.1 to 0.2 µm thickness, acts as a permselective barrier for desalination, water 
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reclamation and reuse, or other purification/concentration processes [1-24]. The top layer of the 

polyamide RO membrane has residual carboxylic acid (-COOH) and amine (-NH2) groups on its 

surface. So, the surface charge of the polyamide RO membrane becomes more negative as the pH 

increases and more positive as the pH decreases due to the deprotonation of the carboxylic groups and 

the protonation of the amine groups, respectively [25-27]. Therefore, the feed pH in the RO process 

can alter the surface charge characteristics, influencing the membrane separation performance and 

fouling inclination tendency of the RO process. This electrokinetic property of polyamide based RO 

membrane also can attract cationic polymers and other cationic species, which can permanently foul 

the membrane. 
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Figure 2.6 (a) Chemical structure of polyamide prepared by interfacial polymerization between 1,3-

phenylene diamine and 1,3,5-trimesoyl chloride, (b) Conceptual structure of polyamide thin film 

composite RO membrane.  
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Abstract 

 

 The dominant factors on the determination of permeate pH in the reverse osmosis (RO) 

membrane process have been systematically investigated to further our understanding of the 

separation mechanisms of the RO process. The surface of a commercial RO membrane was modified 

to neutralize the surface charge, and the effects of surface properties including charge on both the pH 

shift and individual ion removal rate during the filtration were studied. Then, the pH shift of aqueous 

solution during the filtration was evaluated throughout a broad range of feed pH, from pH 3 to 12, 

with or without carbonate species in the feed water. The permeate pH values were predicted on the 

basis of the ion rejection of the RO membrane, charge balance of the aqueous solution, and dynamic 

equilibrium in the dissociation of water. The predicted pH values were then compared with both 

experimental data acquired in flat sheet filtration tests in a laboratory and pH data obtained from a 

commercially operating RO plant. The results support the hypothesis that the ion rejection of the RO 

membrane is one of main factor to determine the degree of shift in pH and the critical pH is 

influenced by the feed water characteristics. 
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3.1 Experimental materials and methodology    

3.1.1 Materials 

Commercially available NE90, FLR, BE and SHF membranes (Toray Chemical Korea Inc., 

Gumi, Korea) and ESPA2 (Hydranautics, Oceanside, CA, USA) were used as representative 

polyamide membranes. The nominal salt rejection and test conditions were obtained from the 

manufacturer’s specification and are described in Table 3.1. All membranes have a thin active layer 

(fully aromatic cross-linked polyamide) polymerized on a polysulfone porous sublayer supported by a 

non-woven polyester fabric. The membrane samples were each extracted from the corresponding 4-

inch-diameter industrial spiral wound element. Prior to the test, the membranes were fully hydrated in 

Milli-Q water for 2 days. The pH values of the feed solutions were adjusted through the addition of 

0.1 M HCl and 0.1 M NaOH. Isopropyl alcohol (IPA) (Sigma-Aldrich, St. Louis, MO, USA) was used 

to estimate the extent of the membrane swelling at various feed pH. Branched polyethyleneimine (PEI) 

(Lupasol
®
 P from BASF, Germany), polyethylene glycol diglycidyl ether (PGDE) (Nagase Chemtex, 

Japan) of various molecular weights, and glycerol (Duksan, Korea) were used for the surface 

modification of the commercial RO membrane. Analytical grade NaCl, H3BO3, CaCl2 (Duksan Pure 

Chemicals, Korea), NaNO3, KCl, NaF (Daejung, Korea), NH4Cl, MgSO4, MgCl2∙6H2O and Na2SiO3 

(Sigma-Aldrich, St. Louis, MO, USA) were used to prepare the model feed solution to estimate the 

individual ion rejection at various feed solution pH values. 

  

Table 3.1 Details of the reverse osmosis and nanofiltration membranes used in the experiments. 

Name Type Material IEP
a
 

Flux          

(gfd
b
) 

Rejection    

(%) 
Test conditions Manufacturer 

ESPA2 

TFC
c
 

Aromatic           

polyamide 

2.5 27.3 99.6 
1,500 ppm NaCl,  

25°C, 10.3 bar, pH 7 

Hydranautics,           

USA 

FLR 3.4 22.4 99.6 
1,500 ppm NaCl,  

25°C, 10.3bar, pH 7 

Toray 

Chemical 

Korea Inc. 

SHF 3.2 25.3 99.7 
32,000 ppm NaCl, 

25°C, 55.2 bar, pH 7 

NE90 2.3 18.8 85~95 
2,000 ppm NaCl,  

25°C, 5.2 bar, pH 7 

BE 2.4 26.3 99.7 
2,000 ppm NaCl,  

25°C, 15.5 bar, pH 7 

a: Isoelectric point; b: Gallon/ft2·day; c: Thin film composite 
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3.1.2 Experimental methodology 

The surface of a commercial RO membrane was modified into becoming neutral by 

conducting the ring opening polymerization reaction between the polyethyleneimine (PEI) and 

polyethylene glycol diglycidyl ether (PGDE). It is known that the ring opening reaction between 

amine and epoxy occurs via a nucleophilic attack of the amine nitrogen on the terminal carbon of the 

epoxy group. As illustrated in Fig. 3.1, the amino-epoxy reaction involves three main reactions; 

primary amine addition (a), secondary amine addition (b) and etherification reaction (c) [10, 98-100].  

 

 

Figure 3.1 Schematic illustrations of ring opening polymerization between PEI and PGDE: (a) 

Primary amine addition, (b) Secondary amine addition, (c) Etherification reaction. 

 

Membrane coupons (BE, Toray Chemical Korea Inc., Gumi, Korea) were rinsed in deionized 

water and were dipped into an aqueous solution containing a predetermined concentration of PEI, 

PGDE and glycerol for 1 min. The ring opening polymerization reaction was then conducted in a 

convection oven at 60°C for 5 min, and all membranes were thoroughly washed with deionized water 

and stored in deionized water until use. Glycerol was used as a humectant to prevent the shrinkage of 

the polyamide membrane during the thermally induced ring opening reaction, which can deteriorate 

the membrane performance. Glycerol is not involved in the chemical reaction between the epoxy rings. 

To estimate the surface charge of the modified membrane, the streaming potentials were measured 
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over the range of pH from 4 to 10 by using a streaming potential analyzer (BI-EKA, Brookhaven, NY, 

USA) with 1 mM KCl electrolyte solution. The surface features of the membranes were investigated 

with a scanning electron microscope (Novanano 230, FEI, OR, USA) and an atomic force microscope 

(XE-150, PSIA. CO, USA). X-ray photoelectron spectroscopy (XPS) (SIGMA PROBE, Thermo VG 

Scientific Ltd., UK) was adopted to estimate the atomic percent and ratios of carbon, oxygen, and 

nitrogen of the virgin and surface modified membranes. The contact angle measurements were 

conducted with a contact angle analyzer (VCA Optima, AST Products Inc., MA, USA) using the 

sessile drop method. Ten measurements were made at different locations of the sample membrane 

surface to obtain an average value, and the individual ion concentration of the feed and permeate 

water at a given pH was estimated using ion chromatography (ICS 3000 and DX 500, Dionex, 

Thermo Fisher Scientific, MA, USA) and inductively-coupled plasma optical emission spectrometry 

(Activa M, HORIBA Jobin Yvon S.A.S., Longjumeau, France).    

The shift in pH during filtration was investigated in the carbonate species-containing mode 

and carbonate species-limiting mode with two types of commercial polyamide RO membrane 

coupons (FLR, Toray Chemical Korea Inc., Gumi, Korea and ESPA2, Hydranautics, Oceanside, 

USA). In the carbonate species-containing mode, compressed air was injected into the feed solution 

from the bottom of the reservoir for 2 hours. In the carbonate species-limiting mode, the feed 

reservoir was covered with a transparent acryl plate, and the gap between the reservoir and the plate 

was completely sealed using waterproof tape (3M). The naturally-dissolved carbon dioxide in the feed 

solution was removed through vigorous injection of nitrogen gas at the initial stage of the experiment 

(during 2 hours) with agitation. Then, the nitrogen injection flow was adjusted to generate a mild 

outward air flow via a sampling hole from the feed reservoir to the ambient air, which prevented the 

further dissolution of carbon dioxide into the feed water. The crossflow filtration system used to 

measure the membrane performance under various pH conditions is described in Fig. 3.2.  
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 Figure 3.2 Schematic of the flat sheet reverse osmosis cross-flow filtration system.  

  

The experiment made use of rectangular membrane cells with an effective membrane area of 

0.0268 ft
2
 (0.00249 m

2
) and a feed spacer with a thickness of 0.039 inch (1 mm). The crossflow 

velocity of feed channel was 0.323 ft/sec (0.098 meter/sec). The membranes were initially compacted 

until the permeate flux had been stabilized at 150 psi (10.3 bar) using a Hydracell pump (Wanner Eng. 

Inc., Minneapolis, MN, USA). The membrane performance was also evaluated at an operating 

pressure of 150 psi (10.3 bar). The feed concentration was then controlled to 1,500 ppm NaCl through 

the addition of concentrated NaCl stock solution in 15.85 gallon (60 L) Milli-Q water. The feed 

solution (25 ± 1°C) was fed to cross-flow test cells at a flow rate of 1.0 gallon/min (3.7854 L/min), 

and the membrane performance was characterized in terms of the permeate flux, salt rejection, and 

permeate pH. The water flux was evaluated by measuring the weight of the permeate water and was 

expressed in units of gallon/ft
2∙day (gfd) (1 gfd is equivalent to 1.7 liter/m

2∙hr (LMH)). The solute 

rejection was measured by the conductivity of the feed and the permeate. The membrane performance 

data shown in the figures represent an average of 4 membrane coupons, and the filtration experiment 

was conducted in the full-recirculation mode in which both the retentate and the permeate were 

recycled to the feed reservoir, except for the sampled portion used to evaluate the membrane 

performance. The membrane performance at a normal pH (without a pH adjustment) was measured 

after stabilization for 1 hour, and the feed pH was then adjusted to the desired value through the 

addition of HCl or NaOH. The conductivity of the collected permeate samples and the feed solution 

were measured using a calibrated conductivity meter (Ultrameter II™, Myron L Company, Carlsbad, 
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CA, USA). The IPA concentration was analyzed using a TOC-500 analyzer (Shimadzu, Kyoto, Japan). 

Both the feed and permeate pH were measured using a benchtop pH meter (Orion 4star, Thermo 

Scientific, Waltham, MA, USA). The membrane performance in terms of the ion and IPA rejection 

was determined as follows: 

 

              R = [1– ([NaCl or IPA]permeate / [NaCl or IPA]feed) ] × 100                                             (3.1) 

([NaCl or IPA]permeate : Concentration of NaCl or IPA in the permeate stream, [NaCl or IPA]feed : 

Concentration of NaCl or IPA in the feed stream)  

                     

3.2 Results and Discussion    

3.2.1 Modification of commercial RO membrane 

The effects of the membrane surface charge on both the pH shift and the individual ion 

rejection of the aqueous solution during the filtration process were investigated. A commercially-

available RO membrane BE (Toray Chemical Korea Inc.) was surface-modified via ring opening 

polymerization of PGDE and PEI, providing a neutralized surface on the membrane [10]. The 

condition of the surface modification was investigated with the intention to maximize the surface 

charge difference and minimize the membrane performance fluctuation relative to a control 

(unmodified) BE membrane, especially in terms of salt rejection. As described in Fig. 3.3, four sets of 

experiments were conducted to optimize the surface modification condition.  

In Fig. 3.3(a), the effect of the chain length of the ethylene glycol moiety in PGDE on the 

performance of the resulting membrane was investigated. The concentrations for both of the reactants 

(PGDE and PEI) were fixed as 0.15 wt%. Even though the membrane performance declined as the 

ethylene glycol chain length increased from 2 to 22, the modified membrane surface exhibited almost 

the same streaming potential irrespective of the polyethylene glycol diglycidyl ether type (Fig. 3.4(a)). 

Consequently, the diethylene glycol diglycidyl ether (DGDE) was selected for subsequent 

experiments. The influence of the variation in concentration of the DGDE and PEI on the modified 

membrane performance was estimated in the following modification test and is shown in Figs. 3.3(b) 

and (c). 
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Figure 3.3 Membrane performance with variation in the surface modification (Operation condition: 

1,500  ppm NaCl, 150 psi (10.3 bar), 25°C, and 1 gfd is equivalent to 1.7 liter/m
2
·hr (LMH)). 

 

When each reactant concentration deceased from 0.15 to 0.05 wt%, the concentration of the 

counterpart reactant was fixed at 0.15 wt%. With a decrease in the DGDE concentration, the salt 

rejection and water flux of the modified membrane increased slightly and then decreased (Fig. 3.3(b)). 

On the other hand, when the PEI concentration was adjusted from 0.15 to 0.05 wt%, the modified 

membrane exhibited an obvious improvement in the water flux and salt rejection (Fig. 3.3(c)). All 

modified membranes showed a slightly neutral charged surface potential within the reactant 

concentration range considered in this study (Fig. 3.4(b)). However, the modified membranes in Fig. 

3.3(b) and Fig. 3.3(c) still showed insufficient membrane performance, especially in terms of the salt 

rejection compared to an unmodified BE membrane.  
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Figure 3.4 Zeta potential of membranes with different surface modification conditions: (a) PGDE 

type, (b) DGDE concentration variation, (c) BE, modified BE (DGDE 0.05%, PEI 0.05%), NE90. 
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The purpose of the surface modification is to maximize the difference in the surface charge 

characteristics while maintaining the salt rejection, so an additional experimental run was conducted. 

The experimental results in Fig. 3.3(c) shows a tendency for a gradual improvement in performance as 

the PEI concentration decreased. Therefore, the membrane modification was carried out in a condition 

of various DGDE concentrations from 0.15 to 0.05 wt% with a fixed PEI concentration at 0.05 wt% 

(Fig. 3.3(d)). Both the water flux and salt rejection increased at a lower DGDE and PEI concentration 

condition, and the membrane surface charge also became slightly neutral (Fig. 3.4(c)). The meta-

phenylene diamine (MPD) based nanofiltration membrane NE90 that was adopted to compare the 

capability for salt rejection upon the shift in the permeate pH and the individual ion removal behavior 

in Section 3.2.2 also exhibited a negatively-charged surface potential that was very similar to the 

unmodified BE membrane. Compared to the unmodified BE membrane with a performance of 

12.1gfd (20.6LMH) in terms of flux and 98.65% salt rejection, the modified membrane showed a 

marginal decrease in the salt rejection as 98.50% at the most optimum condition (DGDE 0.05%, PEI 

0.05%). Consequently, the modified membrane adopting this preparation condition (DGDE 0.05%, 

PEI 0.05%) was used for further filtration tests, as described in Section 3.2.2. The membrane 

performance behavior caused by the surface modification could be explained by the increase in 

permeation resistance due to the additional coating layer. Continuous overlapping and aggregation of 

the polymerized reactant on the membrane surface would occur and lead to the formation of denser 

polymer layer on the membrane surface. The DGDE used in the modification study is electrically 

neutral, and it can also decrease the membrane surface charge after deposition on the membrane 

surface. As a result, the salt rejection decreased due to the attenuation in the charge repulsion effect 

[10, 101]. In addition, the reduced water flux resulted in a relatively lower salt rejection at the 

permeate side after surface modification. 

The surface structures of the virgin and modified membranes were visualized. Fig. 3.5 shows 

the surface images of membranes using SEM, with typical ridges and valleys on the surface of the 

polyamide based RO and NF membrane. There were no noticeable structural changes in the SEM 

images, but when compared to an unmodified BE membrane, modified BE membrane showed a 

relatively smoother surface. An AFM analysis was also conducted to further investigate the surface 

morphology, and as described in Table 3.2., Both the root mean square roughness (Rms) and peak-to-

valley (Rp-v) distance of the modified BE membrane were smaller than those of the unmodified BE 

membrane. The Rms of the modified membrane decreased from 77.1 to 65.9 nm, and the Rp-v also 

decreased from 667.3 to 505.9 nm. The results of the AFM analysis also confirm the successful 

modification of the DGDE and PEI on the BE membrane surface. The NE90 membrane designated a 

relatively smoother surface structure compared to the other RO membranes (Fig. 3.5, Table.3. 2). 
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Figure 3.5 SEM images of the membranes: (a) BE, (b) BE (modified), (c) NE90 (×  20,000). 

 

Table 3.2 Root mean square roughness (Rms) and peak to valley distance (Rp-v) of the unmodified and 

modified membrane, as observed via AFM. 

Sample 
Rp-v                                         

(nm) 

Rms               

(nm) 

Median height                                 

(nm) 

Mean height                               

(nm) 

Projected area                       

(um
2
) 

BE (unmodified) 667.3 77.1 250.8 255.8 25 

BE (modified) 505.9 65.9 162.3 170.3 25 

NE90 340.1 59.1 188.9 192.0 25 

 

As can be seen in Fig. 3.6, the contact angle of the membranes was in the order of BE 
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different surface characteristics and almost analogous salt removal capability. Furthermore, BE 

membrane which had relatively high salt removal capability was used for surface modification study. 

Consequently, the membrane performance decline led by surface modification could be minimized 

and the modified BE membrane also exhibited almost similar physical morphology compared to BE 

membrane. 

 

 

Figure 3.6 Sessile drop contact angle of the membranes: (a) BE, (b) BE (modified), (c) NE90. 

 

Table 3.3 Elemental compositions and relative ratios of the RO membranes. 

Sample 

 
XPS surface elemental analysis  Relative ratio 

 
C (%) O (%) N (%) 

 
O / N 

BE 

(unmodified) 
 75.4 13.8 10.8  1.28 

BE 

(modified) 
 74.6 12.1 13.3  0.91 
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3.2.2 Effect of the surface charge on the permeate pH shift and individual ion rejection 

Performance and pH variation of negatively charged BE RO, neutrally modified BE RO, and 

negatively charged NE90 NF membranes during the filtration was systematically evaluated. As shown 

in Fig. 3.7, an enhanced water flux and declined salt rejection was found in both the acid and base for 

the tested RO and NF membranes due to membrane swelling at extreme pH conditions (this 

phenomenon is intensively discussed in the subsequent Section 3.2.3). In addition, the modified BE 

exhibited an almost similar variation in performance compared to the control BE membrane under 

acid and base conditions.  

 

 

Figure 3.7 Membrane performance according to the pH of the feed water (Operation condition: 1,500 

ppm NaCl, 150 psi (10.3 bar), 25°C, and 1 gfd is equivalent to 1.7 liter/m
2·hr (LMH)). 
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Figure 3.8 Shift in the pH of the permeate for the BE, modified BE and NE90 membrane: (a) 1,500 

ppm NaCl, 150 psi (10.3 bar), 25°C, (b) Model ion mixture solution, 150 psi (10.3 bar), 25°C. 
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The shift in the permeate pH according to various membrane surface charges and salt 

removal capability was estimated (Fig. 3.8). The permeate pH was higher than the feed pH in an 

acidic condition (pH 4.58), and permeate pH was lower than that of the feed pH in neutral or base 

conditions (pH 6.88 and pH 10.61). Almost the same values were revealed for the permeate pH of the 

BE and modified BE membrane, which confirms that the shift in the permeate pH is not dominantly 

affected by the surface charge, hydrophilicity, and roughness of the membrane. These results became 

more evident when observing the NE90 membrane, that had a relatively lower salt removal capability 

but similar surface charge to the virgin BE membrane, shows a smaller shift in the permeate pH when 

compared to the other two RO membranes.  

Furthermore, the individual ion removal efficiency was evaluated by varying the pH of the 

feed solution, and a detailed description of the composition and concentration of the model ion 

mixture solution is described in Table 3.4. This composition is intended to simulate the representative 

surface water quality in Korea (except for boron). The pH of the feed solution was adjusted to more 

acidic or more basic to generate wider variations in the ion removal capabilities than with the NaCl 

filtration test. Fig. 3.9 shows a comparison of the NE90 membrane with BE and the modified BE 

membrane. Since NE 90 has a relatively lower polyamide crosslinking density compared to those of 

the other RO membranes, the degree of change in performance was high in response to the variation 

in the pH of the feed water. However, a similar rejection alteration pattern was also observed for ions 

with pH-dependent speciation, such as boron and ammonium. 

 

Table 3.4 Composition and concentrations of the model ion mixture feed solution.   

Ion species Concentration (ppm) 

Na
+
 80 

K
+
 30 

NH4
+
 10 

Mg
2+

 35 

Ca
2+

 40 

Cl
-
 150 

F
-
 10 

NO3
-
 20 

SO4
2-

 90 

Si 10 

B 5 
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Figure 3.9 Membrane performance according to the pH of the feed water: (a) BE, (b) modified BE, (c) 

NE90 (Operation condition: Model ion mixtures, 150 psi (10.3 bar), 25°C). 
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Assuming a pKa of boric acid of 9.25, the boric acid was converted to borate anion at a 

higher pH, which can improve the charge repulsive interaction with the negatively charged membrane 

surface. As a result, a higher boron rejection could be achieved at a higher pH. Interestingly, a more 

neutralized, modified BE exhibited the same trend in boron rejection as the BE membrane when the 

pH of the feed solution varied. Previous studies on a neutral, surface-charged, commercially-available 

LFC-1 (Hydranautics, Oceanside USA) RO membrane, which had almost analogous surface charge 

characteristics as the modified BE, gave a similar boron rejection trend. In a neutral condition with a 

pH of 6.8, the LFC-1 showed about 55% boron rejection and then further increased to up to 90% at a 

pH of 10.5. A repulsive interaction between the borate anion and negatively charged membrane 

surface and the increased hydration radius of the borate anion can be regarded as the primary reason 

for the improvement in the removal rate at a higher pH [33, 103, 104].  

Ammonium, which has a pKa of 9.25, changed to uncharged ammonia at a higher pH. 

Therefore, ammonium rejection decreased at a higher pH due to the decrease in the hydration radius 

of the uncharged ammonia. Interestingly, the modified BE membrane exhibited a slightly higher 

rejection for monovalent cations than control BE membrane, including sodium, potassium and 

ammonium, in acidic conditions. The increased repulsive interaction between the cation and 

positively-charged membrane surface at low pH could be considered as the cause of a slightly higher 

rejection. For other divalent cations, mono/divalent anions and silica, the rejection difference between 

the BE and modified BE along the filtration pH was not significant. The fluoride rejection increased 

with the pH of the feed solution, due to the speciation of fluoride that was also dependent on the feed 

solution pH. The pKa value of hydrofluoric acid (HF) is 3.2, so at above pH 3.2, the charged fluoride 

became dominant. Consequently, the minimum rejection was confirmed at a low pH of 3.7 due to the 

protonation of fluoride, and increased rejection was then estimated due to the enhanced charge 

repulsive and size exclusive mechanism at a higher pH.  

Nitrate ion rejection did not change significantly over the variation in feed pH in this study 

due to the pH-independent speciation of nitrate. If we assume that the charge repulsive mechanism 

was solely dominant, a gradual increase in the nitrate rejection could be expected with the variation in 

feed pH. However, as can be seen in Fig. 3.9, the minimum rejection was observed with an acidic pH, 

and it then reached a maximum value at a neutral pH. A further increase in the feed pH to up to 11.3 

decreased the nitrate rejection, and this drop in rejection was more prominent with the loosest 

membrane, which was the case with NE90. These results indicate that size exclusion also affects the 

nitrate rejection behavior [103]. 

The variation in the pH shift of the permeate was also monitored for the model ion case study, 

as described in Fig. 3.8(b). A similar behavior was confirmed for the shift in the pH of the permeate 
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behavior of the BE and modified BE membranes, and these results were comparable to those of the 

NaCl filtration test (Fig. 3.8(a)). The permeate pH deviation from the feed pH of the model ion study 

was slightly smaller than that of the NaCl test results for the acid and base conditions. As previously 

mentioned, the model ion study was conducted under more acidic or basic conditions, which could 

result in a larger decrease in the rejection compared what was observed with the NaCl test.  

In summary, there was no noticeable variation in the difference in rejection for individual 

ions between the BE and modified BE membranes, which results in an almost analogous pattern in 

terms of the shift in the permeate pH in spite of the quite different surface properties. Considering that 

these RO membranes were relatively tight and less sensitive to the pH of the feed solution, further 

studies need to be conducted on the surface modification of membranes with properties that are much 

more susceptible to the pH of the feed solution.     

 

3.2.3 Effect of the feed pH on the membrane performance 

The test results described in previous Section 3.2.2 reveals that surface charge of the RO 

membrane is not the dominant factor to determine both the permeate pH and individual ion rejections. 

In this section, the declined performance at low and high pH was investigated. The performance of the 

two commercial polyamide RO membranes (FLR and ESPA2) was evaluated in terms of the permeate 

flux and rejection of the 1,500 ppm NaCl solution at various feed pH values. The non-ionic IPA 

rejection was also evaluated at the given pH levels to correlate the membrane performance with the 

pore structure of the polyamide RO membrane. Fig. 3.10(a) shows that the permeate flux and salt 

passages for both membranes were higher at a low pH and a high pH than at a neutral pH. The decline 

in rejection and increase in water flux at a low and high pH are likely due to membrane swelling. The 

polyamide RO membranes generally have a negative surface charge under normal pH conditions due 

to the residual carboxylic acid group (-COOH) [25, 26]. The formation of carboxylic acid is caused by 

the hydrolysis of the unreacted acyl chloride (-COCl) that remains after the interfacial polymerization 

reaction between acyl halide and amine, and excessive unreacted amine (-NH2) was also present on 

the membrane surface. The surface charge of the polyamide RO membranes becomes more negative 

as the pH increases due to the deprotonation of the carboxylic group. On the other hand, the 

protonation of the residual amine at a lower pH makes the membrane surface charge become more 

positive [25-27]. Consequently, the RO membranes could have more swollen porous structures below 

and above the IEP as a result of the enhanced electrostatic repulsion forces between the negatively- or 

positively-charged functional groups on the membrane polymers, and the swelling of the RO 

membrane could induce an increased flux accompanied by an accelerated salt passage [105, 106].  



  ４３ 

 

 

 

Figure 3.10 Membrane performance according to the pH of the feed water: (a) 1,500 ppm NaCl, 150 

psi (10.3 bar), 25°C, (b) 500 ppm Isopropyl alcohol, 150 psi (10.3 bar), 25°C, and 1 gfd is equivalent 

to 1.7 liter/m
2·hr (LMH). 

 

Fig. 3.10(b) describes the rejection of the non-ionic IPA at various feed pH values. The 

rejection of IPA is mainly determined by the RO membrane pore size due to the small size and non-
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ionic form of IPA. Therefore, IPA rejection can be used as a parameter to indicate the extent of the 

surface swelling, which can have an effect on the RO membrane pore size [107-112]. As seen in the 

IPA rejection shown in Fig. 3.10(b), the IPA rejection pattern is similar to the salt rejection pattern. 

The IPA rejection confirms that the swelling of the PA membranes caused by the enhanced surface 

charge density at a lower and higher pH than the IEP and subsequent electrostatic repulsion between 

the membrane polymers is the main reason for the deterioration in membrane performance in the 

lower and higher feed pH region. And the prominent IPA rejection drop at around feed pH 12 can be 

explained by the salt screening effect. As described in experimental methodology section, sodium 

hydroxide is used for feed pH adjustment. So, the concentration of counter cation sodium in the feed 

with pH around 12 is much higher than that of the feed pH around 11 due to the enhanced water 

buffer capacity at elevated feed pH. Consequently, the abundance of counter cation sodium causes the 

enhanced salt masking effect and lead to further swelling of membrane surface, resulting in decreased 

IPA rejection and increased water flux. 

Hoek et al. also mentioned about the interaction energy between solute (ethylene glycol) and 

membrane which could be defined as free energy difference of solute molecule in the bulk phase and 

membrane phase. The interaction energy between membrane and solute was known to be measured by 

contact angle data, and it could be used for estimating the attractive or repulsive interactions between 

membrane and solute. In the case of positive interaction energy, the solute partitioning from bulk to 

membrane phase was retarded due to the repulsive interaction. On the other hand, more attractive 

interaction was expected if the interaction energy was negative. And it was concluded that the solute-

membrane interaction energy became more positive with increasing pH [105]. So, it can be speculated 

that relatively enhanced solute partitioning from bulk phase to membrane in acidic pH region could 

affect the non-ionic IPA rejection.   

 

3.2.4 Correlation between the feed pH and permeate pH in the RO process 

3.2.4.1 Carbonate species-limiting operation mode 

To understand the effect of nominal salt rejection of the RO membrane on the pH shift 

during the filtration, the permeate pH values were calculated using the salt rejection, charge balance 

of the permeate, and dynamic equilibrium in the dissociation of water, and the predicted permeate pH 

results were then compared with experimental data acquired from laboratory performance tests. The 

calculation was conducted on the basis of following assumptions: the ion concentrations of the 

permeate water are determined by the removal efficiency of the RO membrane (99%), irrespective of 

the ion species and feed pH; the H
+
 and OH

-
 ion concentrations in the permeate are determined by the 
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dissociation of water to maintain the electroneutrality; and no carbonate species exists within the feed 

solution. The ion composition of the feed water at each feed pH was determined by considering the 

initially dissolved NaCl 1,500 ppm (0.025663 M) and HCl or NaOH added to adjust the feed pH 

values. In the acidic feed pH range (pH < 7), the Cl
-
 ion concentration increased as the pH decreased 

due to the addition of HCl to lower the feed pH. Similarly, NaOH added at higher feed pH (pH > 7) 

increased the Na
+
 ion concentration in the feed solution. The filtration of the feed solution through an 

RO membrane changes its ion composition, and thus, a new charge balance is established in the 

permeate water stream. The proton concentration in the permeate could be obtained by calculating the 

permeate Na
+
 and Cl

-
 concentrations using the nominal salt rejection. The permeate pH (proton 

concentration) at various feed pH is shown in Fig. 3.11 and Table 3.5.  

 

 

Figure 3.11 Shift in the pH of the permeate based on a calculation of the carbonate-limiting case. 
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Table 3.5 Ion composition of feed and permeate water estimated from simulation studies in carbonate-

limiting operation mode ((a): Feed water, (b): Permeate composition of 99% rejection case, (c): 

Permeate composition of 99.7% rejection case,  (d): Permeate composition of 50% rejection case). 

Ion composition of feed water 

pH [H
+
] [OH

-
] [Na

+
] [Cl

-
] 

2.00 1.0000×10
-2

 1.0000×10
-12

 2.5663×10
-2

 3.5663×10
-2

 

3.00 1.0000×10
-3

 1.0000×10
-11

 2.5663×10
-2

 2.6663×10
-2

 

4.00 1.0000×10
-4

 1.0000×10
-10

 2.5663×10
-2

 2.5763×10
-2

 

5.00 1.0000×10
-5

 1.0000×10
-9

 2.5663×10
-2

 2.5673×10
-2

 

6.00 1.0000×10
-6

 1.0000×10
-8

 2.5663×10
-2

 2.5664×10
-2

 

7.00 1.0000×10
-7

 1.0000×10
-7

 2.5663×10
-2

 2.5663×10
-2

 

8.00 1.0000×10
-8

 1.0000×10
-6

 2.5664×10
-2

 2.5663×10
-2

 

9.00 1.0000×10
-9

 1.0000×10
-5

 2.5673×10
-2

 2.5663×10
-2

 

10.00 1.0000×10
-10

 1.0000×10
-4

 2.5763×10
-2

 2.5663×10
-2

 

11.00 1.0000×10
-11

 1.0000×10
-3

 2.6663×10
-2

 2.5663×10
-2

 

12.00 1.0000×10
-12

 1.0000×10
-2

 3.5663×10
-2

 2.5663×10
-2

 

(a) 

 

 

Ion composition of permeate water (99% membrane rejection) 

pH [H
+
] [OH

-
] [Na

+
] [Cl

-
] 

4.00 1.0000×10
-4

 1.0000×10
-10

 2.5663×10
-4

 3.5663×10
-4

 

5.00 1.0001×10
-5

 9.9990×10
-10

 2.5663×10
-4

 2.6663×10
-4

 

6.00 1.0099×10
-6

 9.9020×10
-9

 2.5663×10
-4

 2.5763×10
-4

 

6.79 1.6180×10
-7

 6.1806×10
-8

 2.5663×10
-4

 2.5673×10
-4

 

6.98 1.0507×10
-7

 9.5172×10
-8

 2.5663×10
-4

 2.5664×10
-4

 

7.00 1.0000×10
-7

 1.0000×10
-7

 2.5663×10
-4

 2.5663×10
-4

 

7.02 9.5172×10
-8

 1.0507×10
-7

 2.5664×10
-4

 2.5663×10
-4

 

7.21 6.1741×10
-8

 1.6197×10
-7

 2.5733×10
-4

 2.5723×10
-4

 

8.00 9.9020×10
-9

 1.0099×10
-6

 2.5763×10
-4

 2.5663×10
-4

 

9.00 9.9990×10
-10

 1.0001×10
-5

 2.6663×10
-4

 2.5663×10
-4

 

10.00 1.0000×10
-10

 1.0000×10
-4

 3.5663×10
-4

 2.5663×10
-4

 

(b) 
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Ion composition of permeate water (99.7% membrane rejection)  

pH [H
+
] [OH

-
] [Na

+
] [Cl

-
] 

4.52 3.0000×10
-5

 3.3333×10
-10

 7.6989×10
-5

 1.0699×10
-4

 

5.52 3.0033×10
-6

 3.3296×10
-9

 7.6989×10
-5

 7.9989×10
-5

 

6.48 3.3028×10
-7

 3.0278×10
-8

 7.6989×10
-5

 7.7289×10
-5

 

6.94 1.1612×10
-7

 8.6120×10
-8

 7.6989×10
-5

 7.7019×10
-5

 

6.99 1.0150×10
-7

 9.8526×10
-8

 7.6989×10
-5

 7.6992×10
-5

 

7.00 1.0000×10
-7

 1.0000×10
-7

 7.6989×10
-5

 7.6989×10
-5

 

7.01 9.8526×10
-8

 1.0150×10
-7

 7.6992×10
-5

 7.6989×10
-5

 

7.06 8.6120×10
-8

 1.1612×10
-7

 7.7019×10
-5

 7.6989×10
-5

 

7.52 3.0278×10
-8

 3.3028×10
-7

 7.7289×10
-5

 7.6989×10
-5

 

8.48 3.3296×10
-9

 3.0033×10
-6

 7.9989×10
-5

 7.6989×10
-5

 

9.48 3.3333×10
-10

 3.0000×10
-5

 1.0699×10
-4

 7.6989×10
-5

 

(c) 

 

 

 

Ion composition of permeate water (50% membrane rejection) 

pH [H
+
] [OH

-
] [Na

+
] [Cl

-
] 

2.30 5.0000×10
-3

 2.0000×10
-12

 1.2831×10
-2

 1.7831×10
-2

 

3.30 5.0000×10
-4

 2.0000×10
-11

 1.2831×10
-2

 1.3331×10
-2

 

4.30 5.0000×10
-5

 2.0000×10
-10

 1.2831×10
-2

 1.2881×10
-2

 

5.30 5.0015×10
-6

 1.9994×10
-9

 1.2831×10
-2

 1.2836×10
-2

 

6.29 5.1444×10
-7

 1.9439×10
-8

 1.2831×10
-2

 1.2832×10
-2

 

7.00 1.0000×10
-7

 1.0000×10
-7

 1.2831×10
-2

 1.2831×10
-2

 

7.71 1.9439×10
-8

 5.1444×10
-7

 1.2832×10
-2

 1.2831×10
-2

 

8.70 1.9994×10
-9

 5.0015×10
-6

 1.2836×10
-2

 1.2831×10
-2

 

9.70 2.0000×10
-10

 5.0000×10
-5

 1.2881×10
-2

 1.2831×10
-2

 

10.70 2.0000×10
-11

 5.0000×10
-4

 1.3331×10
-2

 1.2831×10
-2

 

11.70 2.0000×10
-12

 5.0000×10
-3

 1.7831×10
-2

 1.2831×10
-2

 

(d) 

 

The diagonal line in Fig. 3.11 represents an imaginary membrane that causes no discrepancy 

between the feed pH and the permeate pH. When the membrane was tested at a higher pH region 

(above pH 7), the permeate pH was lower than that of the feed. On the contrary, below pH 7, the 
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permeate pH was higher than the feed pH. The shift in pH for the solution passing through the RO 

membrane is a result of water dissociation in a permeate side to maintain the charge balance and water 

dissociation constant during filtration. When no rejection is assumed during filtration, the cations (Na
+
 

and H
+
) and anions (Cl

-
 and OH

-
) are balanced. In this case, there is no change in the charge balance 

and no deviation in the water dissociation constant before and after filtration.  

In a filtration process with 99% rejection efficiency, only 1% of the ions pass through the 

membrane. For example, at feed pH 5, the water dissociation constant is 10
-14 

since the concentrations 

of the proton and hydroxide ions are 10
-5 

M and 10
-9

 M, respectively, and the product is 1.0 
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Figure 3.12 Variation in the pH of the permeate for RO membranes in the carbonate-limiting 

operation mode (Operation condition: 1,500 ppm NaCl, 150 psi (10.3 bar), 25°C). 

 

The correlation between the feed pH and the permeate pH was investigated via filtration tests 

conducted under the carbonate species-limiting feed condition using the FLR and ESPA2 RO 

membranes (Fig. 3.12). As described in Fig. 3.12, the experimental results show the same shift in the 

pH pattern as in the prediction results. The RO membrane with a relatively higher rejection, the 

ESPA2, showed a larger permeate pH shift than that of the FLR membrane in the acidic feed pH 

range. Furthermore, both membranes showed a decline in the pH shift at a low pH and high pH where 

the salt rejection decreased, as discussed in Section 3.2.2. These results further confirm that the ion-

rejecting capability of the RO membrane is a major factor determining the shift in pH of the permeate 

from the feed pH. The critical pH was exactly 7 in the calculation study, but in the filtration test, the 

critical pH was slightly lower than 7. The slight depression in the critical pH in the filtration test was 

probably due to some carbon dioxide remaining in the feed solution as well as the alteration of the 

water dissociation constant caused by slight, but inevitable, change in water temperature during the 

filtration test [113]. These results are quite different from those reported in other studies, for which 

the critical pH was within pH 4–6.  

The measured permeate pH and the calculated permeate pH was compared under the 

carbonate species-limiting feed condition using the FLR membrane coupons, and discrepancy among 
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them was investigated (Fig. 3.13). The ESPA2 membrane case also exhibited relatively same behavior 

even though not included in the manuscript. The measured pH was obtained by directly measuring the 

permeate pH at corresponding feed water pH points through actual filtration test. On the other hand, 

two calculated pH values (pH values calculated based on real salt rejection at specific feed pH and 

based on 99% rejection regardless of feed pH, respectively) were derived computationally by 

adopting charge balance equation.  

 

 

 Figure 3.13 Correlation between measured pH and calculated pH based on the salt removal rate 

(FLR membrane, Operation condition: 1,500 ppm NaCl, 150 psi (10.3 bar), 25°C). 

 

As can be seen in Fig. 3.13, the measured pH variation trend was fairly analogous to the real 

salt rejection-based pH pattern only excepting marginal pH differences in the high pH regions. And 

both measured pH and calculated pH from real salt rejection values exhibited rather depressed degree 

of pH shift compared to that of 99% rejection-based case in both extreme acidic and basic pH values. 

The membrane performance deterioration led by membrane swelling at a low and high pH values 

evidently caused less permeate pH shift degrees from corresponding feed pH values. Notably, almost 

analogous variation pattern was predicted for the pH values from real salt rejection case and 99% 

rejection case within the pH range from 6.6 ~ 8.4. This is mainly due to the fact that the real salt 

rejection maintained above 99% in neutral pH range exclusively. However, more intensive studies 
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need to be conducted in the future on the relationship between the concentration of individual ions 

and determined pH at the extreme feed pH conditions. 

In the following section, the depression in the critical pH is explained more thoroughly. 

Some studies [38, 43, 44] have reported a shift in the pH of the permeate due to the presence of 

carbonate species in feed water with normal pH. According to such studies, there would be no shift in 

the pH of permeate water when utilizing carbonate species-limiting feed water under a condition with 

normal pH. However, both the calculated values and the results of the filtration test showed a shift 

occurs in the pH, even with carbonate-limiting feed water. This study thus showed that the mechanism 

for the shift in pH during the RO process is related to the membrane ion-rejecting characteristics and 

water chemistry, especially the charge balance of the permeate and dynamic equilibrium in the 

dissociation of water.  

 

3.2.4.2 Carbonate species-containing operation mode 

The pH shift of the solutions during the RO filtration was also evaluated in the presence of 

carbonate species in the feed water. In homogeneous open water systems, the carbonate species in the 

aqueous solution are in equilibrium with the CO2 gas in the atmosphere above the solution. The partial 

pressure of the CO2 gas in the normal atmosphere is 10
-3.5

 atm, and when the gas is in equilibrium with 

the CO2 (aq), the dissolved CO2 concentration can be calculated in an open water system with henry’s 

constant.  

When carbon dioxide dissolves in water, it attains chemical equilibrium by producing 

carbonic acid (H2CO3). Due to the diprotic characteristics of the carbonic acid, it forms other 

deprotonated species: bicarbonate HCO3
-
 and carbonate CO3

2-
. Similar to the carbonate species-

limiting case, permeate pH was predicted on the basis of the ion rejection capability of the RO 

membrane, and then the results were compared to the experimental results. The carbonate species-

containing case also has the following assumptions: the total concentration of the carbonate species 

(CT,CO3) in the feed water is 10
-5 

M; the ion concentration in the permeate water is determined by the 

RO membrane’s ion removal efficiency of 99%, irrespective of the ion species and feed water pH; the 

carbonic acid rejection by the RO membrane is 0% due to the non-ionic molecule form and small size; 

the H
+
 and OH

-
 ion concentrations in the permeate water are determined by the dissociation of water 

molecules to maintain the electroneutrality; and the concentration of the carbonate species in the 

permeate is re-established based on both the permeate pH and the total concentration of the carbonate 

species in the permeate. The ion composition of the feed water at each feed pH was determined by the 

sum of the following components: initially-dissolved NaCl 1,500 ppm (0.025663M) with HCl or 
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NaOH added to adjust the pH of the feed water and carbonate species that exist at each feed pH. The 

concentrations of all other ion species, except the carbonate species, were exactly the same as in the 

carbonate species-limiting case. As was previously discussed in this section, the carbonic acid forms 

two more kinds of species, and the concentration of each carbonate species is determined by the feed 

water pH using the following equations.  

 

[Bicarbonate (HCO3
-
)] = CT,CO3 / ([H

+
]/Ka,1 + 1 + Ka,2/[H

+
])                                                               (3.2) 

[Carbonate (CO3
2-

)] = CT,CO3 / ([H
+
]

2
/Ka,1Ka,2 + [H

+
]/Ka,2 + 1)                                                            (3.3)  

([H
+
] : Proton concentration at a given pH, Ka,1, Ka,2 : Equilibrium constants for carbonic acid (10

-6.3
 

and 10
-10.3

), respectively) 

Bicarbonate predominates for pKa,1 < pH < pKa,2, while carbonate predominates for pH > 

pKa,2. The effect of the carbonate species present in the feed water on the permeate pH was evaluated 

using a mathematical calculation, which was similar to that for the carbonate species-limiting case. 

The charge balance in the permeate water could be established as shown in equation (3.4) [113]. 

 

[Na
+
] - [Cl

-
] = 10

-14
/[H

+
] + CT,CO3 /([H

+
]/Ka,1 + 1 + Ka,2/[H

+
]) + 2CT,CO3/ ([H

+
]

2
/Ka,1Ka,2 + [H

+
]/Ka,2 + 1) 

– [H
+
]                                                                                                                                                  (3.4) 

All variables except [H
+
] in equation (3.4) could be calculated directly according to the 

imaginary fixed ion rejection at 99% and the total concentration of the carbonate species in the 

permeate. The total concentration of the carbonate species CT,CO3  in the permeate water was attained 

by the sum of each carbonate species concentration passing through the membrane. The results of the 

permeate pH at various feed pH are shown in Table 3.6 and Fig. 3.14, which describes the variation in 

the permeate pH according to feed pH in the presence of the carbonate species.  
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Table 3.6 Ion composition of the feed and permeate water estimated from the simulation studies in the 

carbonate-containing mode ((a): Feed water, (b): Permeate composition of 99% rejection membrane 

case).  

                       Ion composition of feed water  

pH [H
+
] [OH

-
] [Na

+
] [Cl

-
] [HCO3

-
] [CO3

2-
] [H2CO3] CT,CO3   

2.00 1.0000
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Figure 3.14 Variation in the pH of the permeate based on the calculation for the carbonate-

containing case (vs. the carbonate-limiting case). 

 

In a higher pH region (above pH 5.8), the permeate pH was lower than that of the feed. On 

the contrary, below pH 5.8, the permeate pH was higher than the feed pH. This pattern is very similar 

to that observed for the carbonate species-limiting case, except for the decrease in the critical pH. As 

discussed in the carbonate species-limiting case, the permeate pH-determining mechanism was the 

spontaneous dissociation of the water molecule to maintain electroneutrality in the permeate water. 

The critical pH depression in the carbonate-containing case was due to the fact that there were 

additional carbonate species, such as H2CO3, HCO3
-
, and CO3

2-
, working as acids or bases in the 

permeate water. At a feed pH of 5 in the carbonate-limiting case, as discussed in the previous section, 

0.6180 
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proton and 4.9870 
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A filtration test with FLR and ESPA2 RO membranes was conducted to confirm the 

reliability of the results obtained from the permeate pH prediction study. The shift in the permeate pH 

during operation for the carbonate species-containing case is shown in Fig. 3.16. A comparison of the 

permeate pH shift behavior of the predicted values with the filtration test revealed that they were 

similar. Both the predicted values and the filtration test exhibited a depressed critical pH at 

approximately pH 5.8, and these results indicate that the downward shift of the critical pH pattern in 

the carbonate-containing case was mainly due to further water dissociation to rearrange the carbonate 

species. Fig. 3.16 also shows that a larger permeate pH shift from the feed pH appeared in the 

relatively higher-rejecting ESPA2 membrane compared to the FLR membrane in the acidic feed pH, 

which is analogous to the carbonate limiting case.  

 

 

Figure 3.16 Shift in the pH of the permeate for the FLR and ESPA2 reverse osmosis membranes in the 

carbonate-containing operation mode (Operation condition: 1,500 ppm NaCl, 150 psi (10.3 bar), 

25°C). 

 

The RO membrane types were varied to further examine the effect of the ion-rejecting 

capability of the RO membranes on the permeate pH deviation through the filtration test. Table 3.7 

describes the performance of the applied RO membranes in terms of the permeate flux and salt 

rejection. The filtration test was conducted in the carbonate species-containing mode. As shown in 
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Table 3.7, the order of the salt rejection capabilities of the membranes under identical operation 

conditions were SHF > FLR > NE90. The degree of pH shift was compatible with the salt rejection of 

the membranes, and these results indicate that the salt-rejecting capability of the RO membrane has a 

major effect on the shift in permeate pH.     

   

Table 3.7 Comparison of the deviation in pH of the permeate according to the membrane performance. 

Membrane Permeate TDS (ppm) Rejection (%) Permeate pH Test condition 

SHF 21.5 98.3 9.47 
 

 

1,500 ppm NaCl, 25°C, 150 psi 

(10.3bar), Feed pH 10.32 
FLR 30.2 97.8 9.59 

NE90 142.0 89.0 10.09 

 

 

3.2.5 Correlation between prediction results and operation data from real plants 

To further verify the importance of salt rejection of RO membranes on the permeate pH shift, 

feed and permeate pH data were acquired from real RO membrane plants to compare them to the 

predicted results. In Fig. 3.17, the dashed line represents the permeate pH values predicted by the 

calculation based on the pH-dependent performance of the FLR membrane and the scattered dot on 

the graph represents the real RO plant pH data. The real RO plant data were collected from various 

field applications, and these were kindly provided by the technical support department of Toray 

Chemical Korea Inc. The following nomenclature HERO, Reuse, UPW, PW, SW and DW of the real 

RO plant data refer to the high-efficiency RO operated at a high pH, wastewater reclamation, 

ultrapure water production for the electronics industry, process water production for various industrial 

uses, seawater desalination, and potable water production, respectively. The real plant feed pH had 

various characteristics that were quite desirable to evaluate the reliability of the prediction results. As 

shown in Fig. 3.17, the general permeate pH shift trend agreed well with the prediction results even 

though there was little difference between the predicted values and the real plant pH data in some 

cases. The comparison of the two sets of data shows that the RO permeate pH prediction methodology 

proposed in this article is quite applicable and reliable. The possible reasons for the slight discrepancy 

between the prediction values and the real plant data are probably due to the various membrane types 

that are used in real plants and the salts used in the prediction study. The actual plants used various 

types of RO membranes according to the given applications, such as more dense membranes with 
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higher rejection abilities for seawater desalination and ultrapure water treatment or more permeable 

membranes with lower rejection abilities for brackish water treatment and wastewater treatment. 

Furthermore, a prediction study was conducted according to the variation in the sodium chloride 

rejection along with the feed pH. There would be a much more complex ionic composition in real 

applications, including carbonate and phosphate species with various speciations depending on the 

feed pH.  

 

 

Figure 3.17 Correlation between pH of the reverse osmosis (RO) permeate predicted by the 

calculation and real operational data from a commercial RO plants. 
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3.3 Conclusions    

This study was undertaken to validate the mechanism of the shift in the pH of the permeate 

for RO processes in terms of the membrane performance and permeate water characteristics, 

including electroneutrality and the water dissociation constant. Membrane swelling caused by an 

increased surface charge density was the main factor contributing to the deterioration of the 

membrane performance at a lower (pH < 5) and higher (pH > 9) pH domain of the feed solution. Both 

the predicted values and the results of the filtration test indicated that a shift occurs in the pH, even 

with the use of carbonate-limiting feed water. This was a result of the deviation in the water 

dissociation constant during the filtration, which led to the dissociation of water molecules to return to 

the water dissociation constant. The carbonate species-containing case showed a similar shift in the 

pH of the permeate, but it involved a lower critical pH than that for the carbonate species-limiting 

case. The depression in the critical pH in the carbonate-containing case was due to the additional acid 

and base anions, such as H2CO3, HCO3
-
, and CO3

2-
, affecting the charge balance. These carbonate 

species also increased the dissociation of water to rearrange the carbonate species in the permeate 

water.  

A larger shift in the permeate pH from the feed pH was confirmed when the membrane had a 

higher salt rejection at a given feed pH, and this phenomenon could be considered to be analogous to 

the decrease in the shift of the pH for the permeate in the lower and higher pH domains of the feed 

solution. Furthermore, the shift in the pH of the permeate was not affected by the surface 

characteristics, including the surface charge, hydrophilicity and roughness. A restrictive variation in 

the individual ion rejection due to surface modification did not result in any noticeable changes in the 

pattern of the shift for the permeate pH. In some cases, there was a small difference between the 

predicted values and the real plant pH data, but the general trend of the shift in the pH of the permeate 

was consistent with the results of the prediction. 
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Abstract 

 

The permeate pH variation accompanied by RO system rejection alteration was estimated via 

long-term pilot test to further confirm the correlation between RO system rejection and permeate pH. 

Reverse osmosis (RO) elements operating at a low pressure (LP) or a low energy (LE) are generally 

called as “LPRO” or “LERO”, and the nomenclature “LP” and “LE” are convertible due to the 

interrelated features of the pressure and the energy in the RO process. Not only can LPRO be operated 

at lower pressures, which enables energy saving, but also at the standard operating pressure with an 

enhanced permeate flux. In this study, the economical feasibility and permeate pH alteration behavior 

of the LPRO element were evaluated in the face of high fouling potential feed water. The 

commercially available standard RO and LPRO were chosen, and the membrane properties including 

the fouling susceptibility and the surface characteristics were thoroughly evaluated. The variations of 

various performance parameters were monitored during an 872 hr operation in a pilot system, which 

was operated in a constant flux mode. Then, the used membranes were analyzed to further verify the 

fouling load localization and the fouling intensities. The average flux variation of the individual RO 

elements within a vessel and the economic feasibility of LPRO were also evaluated through a 

simulation study using an RO system design software. This study showed that the localization of 

fouling load within a pressure vessel of an LPRO system caused about 20% higher flux decline and 

almost 2-times higher salt passage than those of a standard RO membrane system. Furthermore, the 

simulation study predicted that average operating pressure difference ratio (%) between two RO 

membranes decreased from 24.4% to 17.8% and a substantial quantity of LPRO elements (83.3%) 

must be replaced to meet the designated water criteria only after 2 years’ operation. And the permeate 

pH deviation gap from feed pH became larger as the difference in salt rejection between two 

membranes was increased. So, it could be further confirmed that the salt rejection had dominant effect 

on the permeate pH determination in RO membrane processes. 
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4.1 Experimental materials and methodology    

4.1.1 Scheme of the long-term pilot test   

The RO test system, equipped with two parallel sets of pressure vessels and located in A 

Steel (Dangjin City, Korea), was used for the pilot test study. The schematic of the pilot test apparatus 

is shown in Fig. 4.1, and the test system is the same as that of the next study (Chapter. 5) with the 

exception of the retentate recycling loop [46]. The pilot RO system operation was conducted with an 

identical feed facing mode that enabled the separate parallel assessments of the two pressure vessels, 

and each vessel was installed with RO elements comprising different permeate flow rates. Each 

pressure vessel contained three commercial 8-inch diameter RO elements in a series manner, and the 

individual RO elements possessed an effective membrane area of 400 square feet (37.2 square meter).  

 

Figure 4.1 Schematic diagram of mobile long-term test machine. 

 

The LPRO elements 8040-FLR (FLR) were installed in vessel A, and the regular brackish 

water RO (BWRO) elements 8040-FEn (FEn) were installed in vessel B. Both FLR and FEn are 

representative fouling resistant RO elements of Toray Chemical Korea Inc. The effective membrane 

area, element construction materials, and other RO element manufacturing conditions are maintained 

as the same for the RO elements in vessels A and B, with the membrane performance being the only 
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exception. More detailed descriptions of the test condition, monitoring parameters, and element 

specifications are described in Table 4.1. As can be seen in Table 4.1, considering the different 

standard test conditions of both RO elements, the LPRO FLR exhibited a higher permeate flow rate 

than the regular grade RO FEn. The permeate flow rate difference between the two elements is more 

intensively explained in the subsequent section.  

 

Table 4.1 Detailed descriptions on the RO elements and monitoring parameters.  

RO elements specifications and evaluation parameters 

RO Element 

specification 

Pressure vessel A RE8040-FLR (9,000GPD (34.1 m
3
/day)/99.6%) 

a
 3EA 

Pressure vessel B   RE8040-FEn (10,500GPD (39.7 m
3
/day)/99.7%) 

b
 3EA 

Operation 

conditions 

Permeate (m
3
/h) 2.2 m

3
/hr (1 pressure vessel) 

Recovery (%) 33% 

Feed (m
3
/h) 6.5 m

3
/hr (1 pressure vessel) 

Monitoring 

parameters 

Conductivity (μs/cm) 
Feed, Permeate, Retentate 

Pressure (bar) 

Feed water quality Temperature, pH, SDI, Individual ion concentration, TDS 

a, b:  Specification of commercially available 8-inch diameter fouling resistant low pressure reverse osmosis (LPRO) and 

regular grade RO elements; a : LPRO (FLR) standard test condition (1,500 ppm NaCl, 10.3 bar, 15% recovery, 25°C, pH 

6.5
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pressure, temperature, and solute concentration variations are considered. The NPF could therefore be 

a viable option for the monitoring of the following issues in the RO system: extent of fouling and 

scaling, membrane compaction under high-pressure operations, and any mechanical leak involved in 

the RO element assembly that can affect the permeate flow rate. The NPF was attained by the 

following equation (4.1).  

 

Normalized flow rate (QN) = Qo × ((Pi – ΔPi/2 – Ppi – πi) × TCFi) / ((Po – ΔPo/2 – Ppo – πo) × TCFo)     

(4.1) 

(Qo : Measured (actual) permeate flow rate, Pi : Initial operating pressure, Po : Actual operating 

pressure, ΔPi : Initial differential pressure, ΔPo : Actual differential pressure, Ppi : Initial permeate 

pressure, Ppo : Actual permeate pressure, πi : Initial osmotic pressure derived from the logarithmic 

mean concentration of feed and concentrate, πo : Actual osmotic pressure derived from the logarithmic 

mean concentration of feed and concentrate, TCFi : Initial temperature correction factor, TCFo : Actual 

temperature correction factor) [52, 114]   

The term “initial” means the measured performance data at the initial point of RO system 

operation and the term “actual” implies the observed performance data at the certain point of time 

after starting RO system operation. RO membrane performance is largely affected by feed water 

temperature variations. Therefore, the temperature correction factor (TCF) must be considered to 

normalize the observed performance under varying temperature conditions to the temperature of 

initial system operation.  

The salt rejection (salt passage) is also a widely-used parameter for the monitoring of the RO 

system performance. Any operational or mechanical issues that arise in the RO system can be detected and 

revised beforehand through the monitoring of these performance parameters, prior to the occurrence of an 

irretrievable system performance deterioration. The NSP including the net driving pressure (NDP) can be 

derived by the following equations (Equations (4.2) and (4.3)), and the normalized salt rejection (%) is also 

readily obtained by subtracting the NSP (%) from the integer 100. 

 

Normalized salt passage (%) = (Cpo × NDPo × TCFi × Cfci × Cfo) / (Cfco × NDPi × TCFo × Cfco × Cfi)    

(4.2) 

(Cpo : Actual concentration of permeate, NDPi : Initial net driving pressure, NDPo : Actual net driving 

pressure, Cfci : Initial logarithmic mean concentration of feed and concentrate, Cfco : Actual logarithmic 
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mean concentration of feed and concentrate, Cfi : Initial concentration of feed, Cfo : Actual 

concentration of feed) 

 

Net driving pressure = P – ΔP/2 – Pp – π                                                                                            (4.3)  

(P : Operating pressure, ΔP : Differential pressure, Pp : Permeate pressure, π : Osmotic pressure 

derived from the logarithmic mean concentration of feed and concentrate) [1, 2, 6, 50, 52, 114] 

The feed water in the pilot test was fed into the two parallel pressure vessels of the pilot RO 

system after passing the conventional coagulation, sedimentation, and fine fibrous 5-μm microfilter 

filtration sequentially. The qualities of the feed and the permeate including the water temperature, silt 

density index (SDI), pH, and total dissolved solids (TDS) were monitored during the pilot test period. 

The individual ion concentration of the feed water was evaluated using ion chromatography (ICS3000 

and DX500, Dionex), (Thermo Fisher Scientific, Waltham, MA, USA) and inductively coupled 

plasma optical emission spectrometry (Activa M, HORIBA Jobin Yvon S.A.S., Longjumeau, France). 

RO system simulation studies were conducted to estimate the average flux of the individual RO 

elements in a vessel, and the verification of the economic feasibility of LPRO was conducted using 

the RO system design software CSMPro 5.0 that was provided by Toray Chemical Korea Inc. [114]. 

The input variables of RO system design software were adjusted based on the pilot-test results, and 

the predicted simulation results were considered in terms of the long-term system performance 

stability and the economic feasibility according to the flow rate of the adopted RO elements.  

 

4.1.3 Laboratory fouling susceptibility test 

The fouling susceptibility values of both membranes (FLR, FEn) were evaluated prior to the 

actual long-term pilot test via a laboratory crossflow filtration system same as that of the previous 

study (Fig. 3.2). Flat sheet coupons of both RO elements were kindly provided by Toray Chemical 

Korea Inc. Rectangular membrane samples with nominal dimensions of 7 cm × 4 cm were placed in 

the membrane coupon test cells. The feed solution including 1,500 ppm NaCl and individual model 

foulants with a temperature of 25 °C and a pH of 7.0 was pumped from the feed tank and pressurized 

at 10.3 bar by a high-pressure pump at a flow rate of 1.0 gal/min (equivalent to 3.7854 L/min). The 

fouling susceptibility values of both membranes were estimated by measuring the flux decline ratio 

after a 2 hr operation with the model foulant containing feed solution. The model foulants that were 

used for the organic, cationic, and anionic substances are 50 ppm dry milk, 5 ppm dodecyl trimethyl 

ammonium bromide (DTAB) (Sigma-Aldrich, St. Louis, MO, USA), and 50 ppm sodium dodecyl 

sulfate (SDS) (Sigma-Aldrich, St. Louis, MO, USA), respectively. 
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4.1.4 Membrane analysis 

The surface charge characteristics of the RO membranes expressed as streaming potentials 

were evaluated within the pH region of 4 to 10 through the use of a streaming potential analyzer (BI-

EKA, Brookhaven, NY, USA) with a 1 mM KCl electrolyte solution. The surface features of the 

membranes were investigated with scanning electron microscopy (Novanano 230, FEI, Hillsboro, OR, 

USA) and atomic force microscopy (XE-150, PSIA, Lakewood, CO, USA). Contact angle 

measurements were conducted with a contact angle analyzer (VCA Optima, AST Products Inc., 

Billerica, MA, USA) through the application of the sessile drop method. ATR-FTIR (Nicolet 6700, 

Thermo Scientific, Waltham, MA, USA) spectrometer was used to evaluate the ratio of amide peak 

intensity (1540 cm
–1

) to aromatic ring band intensity (1588 cm
–1

).  

Instrumental analyses on the membrane coupons and foulant samples obtained from the RO 

elements that were used for the pilot test were also carried out. The samplings of the fouled 

membranes and the accumulated foulants on the membrane surface were conducted at the lead 

position element of each pressure vessel. The surface morphology of the fouled membranes and the 

chemical element analysis of the foulant were performed using the scanning electron microscope 

(SEM) (Novanano 230) (FEI, Hillsboro, OR, USA) equipped with an energy dispersive X-ray 

spectroscopy (EDX) device (Apollo-XSDD) (EDAX, Mahwah, NJ, USA). The intensity of the 

organic fouling on each membrane was evaluated by measuring the total organic carbon (TOC) 

concentration. The fouled flat sheet membrane samples of 15 cm
2
 that were extracted from the lead 

position elements were stored and agitated in 100 mL of deionized water at predetermined conditions 

(30 °C solution temperature, 7 days soaking time), and then the eluted organic content that had 

originated from the fouling layer on the membrane surface was analyzed by the TOC analyzer (TOC-

500) (Shimadzu, Kyoto, Japan). The fractions of the organic and inorganic substances in the deposited 

foulant were determined according to the weight loss on ignition (LOI) method using the thermal 

gravimetric analysis (TGA). Generally, the weight LOI of the foulant was regarded as a practical 

indicative for the estimation of the occupying ratio of the organic and inorganic materials in the 

fouling layer. Gathered foulant samples from each RO element were gradually heated up to 700 °C 

using the TGA (Discovery) (TA Instruments, New Castle, DE, USA).  
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4.2 Results and Discussion    

4.2.1 Laboratory fouling susceptibility test and pristine membrane analysis 

Prior to conducting the long-term pilot test, the fouling susceptibility evaluations of both RO 

elements chosen in this study were carried out using the flat sheet membrane coupons at constant 

operating pressure mode. The base membrane performance described in Fig. 4.2 is an average of four 

membrane coupons, and two of the four samples that are close to the average permeate flow rate were 

selected for the subsequent fouling resistance test. The FLR exhibited a permeate flow rate that is 

almost 35% higher than that of the FEn with no noticeable difference in the salt rejection value. The 

FLR also showed a slightly higher flux decline ratio compared with the FEn for all of the fouling 

resistance tests using dry milk, DTAB, and SDS. An additional fouling resistance test for which the 

FEn permeate flow rate was adjusted up to that of the FLR was conducted to further verify the effect 

of the permeate flow rate on the membrane fouling intensities [55, 56, 58, 59]. The operating pressure 

was carefully increased to match the permeate water flux of the FEn to the FLR level. The FEn flow-

up case represented almost the same flux decline value compared with the FLR case. There was no 

significant difference in the fouling susceptibility between the FEn and FLR membranes, and this 

study shows that the anti-fouling characteristics of both membranes are almost analogous.  

The material composition and physical properties of FEn and FLR membranes were 

summarized in Table 4.2. Both membranes were typical thin film composite (TFC) aromatic 

polyamide RO membrane reinforced by the polysulfone support and polyester non-woven fabric. The 

ratio of amide peak intensity (1540 cm
–1

) to aromatic ring band intensity (1588 cm
–1

) of both 

membranes were estimated by FTIR analysis. The lower peak ratio of FLR membrane indicated that 

the LPRO membrane comprised relatively thinner polyamide active layer than that of FEn, which can 

be regarded as a primary reason for the higher flow rate of the LPRO FLR membrane. The FLR 

membrane coupon also exhibited a higher permeate water flux than FEn. 
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Figure 4.2 Flux decline comparison between the FEn and FLR with adopting model foulants 

(Operation conditions: 1,500 ppm NaCl, 10.3 bar, 25°C, model foulants 50 ppm dry milk, 5 ppm 

DTAB, 50 ppm SDS, respectively, and 1 gfd is equivalent to 1.7 liter/m
2
·hr (LMH)). 

 

Table 4.2 Details of the reverse osmosis membranes used in the experiments. 

Name Type Material 
IR absorbance 

ratio
a
      

Flux          

(gfd
b
) 

Rejection    

(%) 
Test conditions Manufacturer 

FEn 

TFC
c
 

Aromatic           

polyamide 

0.87 26.3 99.7 
2,000 ppm NaCl, 

25°C,  15.5 bar, pH 7 Toray 

Chemical 

Korea Inc. 
FLR 0.63 22.5 99.6 

1,500 ppm NaCl, 

25°C, 10.3 bar, pH 7 

a: 1540 cm-1/1588 cm-1; b: Gallon/ft2·day; c: Thin film composite 
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Figure 4.3 Comparison of surface characteristics of the membranes with different permeate water 

flux: (a) Zeta potential and (b) Sessile drop contact angle. 

 

As shown in Fig. 4.3, both membranes exhibited almost the same charge characteristics and 

hydrophilicity, irrespective of the membrane type. The surface structure was also investigated using 

SEM and atomic force microscope (AFM) (XE-150, PSIA, CO, USA). Typical ridges and valleys on 

the surface structure of the polyamide-based RO membrane could be confirmed for both membranes 

from the SEM images (Fig. 4.4), and there is no notable difference between the two membranes. The 

surface morphology analysis results from the AFM also showed a comparable trend. The definitions 

of projected area and mean height are defined as the product of x and y range in the selected area 

scanned by AFM and the average height of the height profiles within the area, respectively. As 

described in Table 4.3, both the root mean square roughness (Rms) and the peak-to-valley (Rp-v) 

distance of the two membranes did not reveal noticeable differences. To summarize, both the FEn and 
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FLR membranes exhibited quite similar surface characteristics, such as the structural morphology, 

surface charge, hydrophilicity, and fouling resistance, with the permeate water flux being the only 

exception. 

 

       

(a)                                                                           (b) 

Figure 4.4 SEM images of the neat membranes: (a) FEn and (b) FLR (×  20,000). 

 

Table 4.3 Root mean square roughness (Rms) and peak to valley distance (Rp-v) of FEn and FLR 

membranes, as observed via AFM. 

Sample Rp-v (nm) Rms (nm) Mean height (nm) Projected area (um
2
) 

FEn 585.8 69.93 249.3 25 

FLR 568.2 63.39 176.1 25 

 

 

4.2.2 Operating pressure variations according to the permeate flow rate of the RO 

elements 

A pilot RO system was operated at constant flow rate mode, and the qualities of water 

solution used in the pilot test are described in Table 4.4. Considering the general guidelines for the 

RO feed water qualities, the TOC, SDI, and turbidity values of the raw water are over the maximum 

allowable ranges [1, 2, 114]. After a 646 hr operation, the retentate of each vessel was recycled to the 
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feed water to generate a higher-fouling-potential feed water condition (Fig. 4.1), and as shown in 

Table 4.4, the TOC, SDI, and turbidity noticeably increased after the recycling of the retentate. The 

total operation period (872 hr) was segmented by a three operation period on the basis of the cleaning 

in place (CIP) intervals. Initially, the CIP was to be conducted when the differential pressure of each 

vessel reached 1 bar; however, the CIP was performed simultaneously at the two pressure vessels due 

to the almost similar differential pressure build-up trend of both vessels. Detailed CIP sequences are 

described in Table 4.5, and the CIP protocol was optimized via the preliminary pilot test study and the 

operational experience of the main RO plant, which was treated the same feed water as the pilot RO 

system [46].   

 

Table 4.4 Description about feed water quality and operation condition. 

  Start ~  

646 hr 

646 ~  

872 hr 
Features 

Operation 

condition 
Permeate (m

3
/hr) / Recovery (%) 2.2 m

3
/hr / 33% 2.2 m

3
/hr / 85% 

Retentate 

recycle      

(646 hr ~ ) 

 

 

 

 

 

 

 

Water 

quality 

Al mg/l 0.12 0.19  

Si mg/l 2.3 2.9  

Mn mg/l N.D N.D  

B mg/l 0.06 0.11  

Ba mg/l N.D 0.05  

Sr mg/l N.D N.D  

Na
+
 mg/l 89.0 119.6  

K
+
 mg/l 12.0 13.8  

Mg
2+

 mg/l 12.0 14.5  

Ca
2+

 mg/l 72.1 94.7  

Cl
-
 mg/l 107.3 140.2  

NO3
-
 mg/l 19.7 23.6  

SO4
2-

 mg/l 145.6 193.0  

pH - 7.0 7.3  

Conductivity us/cm 894.6 1141.7  

TOC mg/l 3.5 4.6  

SDI - 5.2 6.3  

Turbidity NTU 0.3 0.5  
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Table 4.5 CIP procedure applied in this study. 

CIP Procedure of Pilot RO System 

1. Preparing inorganic cleaning solution
a
 : 1% cleaning chemical, pH 2.5, 35°C  

2. Recycling for 1 hour with inorganic cleaning solution at 2 bar, flow rate 6 m
3
/hr  

3. Soaking for additional 16 hours with inorganic cleaning solution and flush the system  

4. Preparing organic cleaning solution
b
 : 1% cleaning chemical, pH 10.5, 35°C 

5. Recycling for 1 hour with organic cleaning solution at 2 bar, flow rate 6 m
3
/hr 

6. Soaking for additional 1 hour with organic cleaning solution  

7. Recycling for 1 hour with organic cleaning solution at 2 bar, flow rate 6 m
3
/hr  

8. Soaking for additional 1 hour with organic cleaning solution 

9. Flush the system and then start the normal operation 

a: Inorganic cleaning agent: Purichem MC-128K (Primetech International Co., Ltd., Gyeonggi-Do, Korea)                           

b: Organic cleaning agent: Purichem MC-254K (Primetech International Co., Ltd., Gyeonggi-Do, Korea) 

 

At first, the operating pressure variation trend was monitored. The raw water qualities 

including the TOC, SDI, and turbidity were not suitable for the stable RO operation, so the membrane 

fouling propensity was inevitably high. Consequently, as shown in Fig. 4.5, both vessels exhibited 

gradually increasing operating pressure trends with increasing operation time. As a result, the first 

CIP point emerged after approximately 450 hr of operation, while about 200 hr of operation was 

enough to reach the additional designated CIP point. Interestingly, while the FEn vessel exhibited the 

decreased operating pressure value below its initial value, a slightly increased operating pressure was 

confirmed in the FLR vessel after the conduction of the first CIP. Considering the same CIP condition 

for both vessels, it could be concluded that the membrane fouling is relatively severe (less cleaning 

efficiency) in the FLR vessel.  
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Figure 4.5 Performance variations monitoring of the pilot RO system (Operating pressure variations 

of the FEn and FLR). 

 

The accumulative membrane fouling along with the increased operation time surely 

decreased the CIP interval, and the intensity of the membrane fouling, which can be expressed as an 

increase in the operating pressure, is considerably higher in the third operation period compared with 

the other operation periods due to the enhanced fouling potential condition of the third period. The 

operating-pressure drop that occurred at the second operation period start-up point of the FEn vessel 

and at the third operation period start-up point (Fig. 4.5) of both vessels is mainly attributed to the 

feed water temperature increase that was led by the retentate recycling and the CIP induced swelling 

effect. The average feed water temperature during the first and second operation periods is 23.2 °C, 

but this increased to 26.6 °C during the third operation period due to the retentate recycling. 

According to the RO membrane temperature correction factor, an about 4% increase of the permeate 

flow rate was obtained per 1 °C increase of the feed water temperature [1, 2, 114]. As described in 

Table 4.5, the CIP protocol in this study repeated the acid and base condition cleanings in a sequential 

manner. The polyamide membrane is known to be swollen at the base condition due to the 

deprotonation of the carboxylic acid groups within membrane structure [25, 26]. The swelling of the 

polyamide led to more permeable membrane structure, causing lowered operating pressures. The data 

abnormality that occurred in the FLR vessel at around the 800 hr mark in the third operation period is 

due to a mechanical issue in the pilot system (Fig. 4.5). At that time, the automatic valve equipped in 

the permeate stream of the FLR array malfunctioned, so the actual permeate flow decreased to less 

than 1.9 ton/h and the operating pressure was also maintained relatively low. After the repair of the 
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automatic valve, the performance indicatives of the FLR vessel, including the flow rate and the 

operating pressure, recovered to the initially designed value. To validate the performance variation 

between the two vessels, the operating pressure increasing tendency of each operation period was 

estimated by comparing the operating pressures of the start-up point and end-point of each operation 

period. The operating pressure increment was attained by the following equation (4.4). 

 

    Operating-pressure increment (%) = 100 × ((Pe – Pi) / Pe)                                                              (4.4) 

(Pe : Operating pressure at the end-point of each period, Pi : Operating pressure at the initial point of 

each period) 

 

 

Figure 4.6 Operating pressure increment comparison between the FEn and FLR based on the 

segmented operation period: (a) Operating pressure increment (%) between initial start-up and end-

point of each periods, (b) Operating pressure increasing rate (%/h) of each periods. 

 

As can be seen in Fig. 4.6, both vessels exhibited an increased operating pressure with 

increasing operation time, which inferred the occurrence of the accumulative membrane fouling. In 

addition, the FLR vessel showed a pronounced operating pressure increasing tendency throughout the 

test period, suggesting a more intensified fouling in the FLR vessel. Especially, during the third 

period of operation for which retentate recycling was adopted to generate higher fouling potential feed 

water condition, the highest operating pressure increasing tendency was confirmed for both vessels. 

The operating pressure gap ratio between the two vessels was also evaluated using the following 

equation (4.5).  
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    Operating pressure difference ratio (%) = 100 × ((PFEn / PFLR) – 1)                                                (4.5) 

(PFEn : Operating pressure of FEn, PFLR : Operating pressure of FLR) 

 

 

Figure 4.7 Operating pressure difference ratios between the FEn and FLR membranes. 

 

As can be seen in Fig. 4.5, the feed pressures at the initial point of operation are 8.2 bar for 

the FEn vessel and 5.7 bar for the FLR vessel. The initial operating pressure difference clearly 

originated from the inherent permeate flux difference of both RO elements. However, as can be seen 

in Fig. 4.7, the operating pressure difference ratio between the two vessels became smaller as the 

cumulative operation time was increased. At the initial stage of operation, a roughly-50%-higher 

operating pressure was needed for the FEn vessel to meet the designed permeate flow rate 2.2 ton/h, 

but the pressure difference gap ratio decreased to approximately 32% during the first period of 

operation (start-up to 448 hr). The CIP conducted at the end of the first period could not recover the 

initial pressure difference ratio between the two vessels, and the decreased pressure difference ratio 

was almost maintained during the remaining operation period (448 hr to 872 hr); this is mainly due to 

the fact that the FLR vessel exhibited a higher operating pressure increasing tendency compared with 

the FEn vessel. The fluctuation of the operating pressure difference ratio during the third operation 

period was caused by the previously described permeate stream autovalve error of the FLR installed 

RO array. Noticeably, the least pressure difference was estimated at the end-point of the third 

operation period, which could be considered as the most severe fouling occurrence condition. As 
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previously described, the retentate of each vessel was recycled to generate the higher fouling potential 

condition during the third period of operation. This result suggests that the advantage of a low-

pressure RO membrane, which could lower the operating pressure, can be diminished at the high 

fouling potential operation condition. 

 

4.2.3 Variations of the normalized permeate flow rate (NPF) and normalized salt 

passage (NSP) according to the permeate flow rate of the RO elements 

The normalization of flow rate and salt passage was conducted to determine the noticeable 

variations in the system performance that originated from the membrane fouling. The NPF of both 

vessels was maintained constantly without a noticeable change until 200 hr of operation (Fig. 4.8), but 

a gradual decreasing tendency was confirmed after 200 hr operation.  

 

 

Figure 4.8 Performance variations monitoring of the pilot RO system (Normalized permeate flow 

(NPF) variations of the FEn and FLR). 

 

The FLR adopted vessel exhibited a larger NPF decline compared with the FEn during the 

first operation period. Similar to the operating pressure variation case, the FEn vessel showed 

increased NPF values at the start-up points of the second and third periods due to the CIP induced 

swelling effect. The NPF difference between the two vessels at the start-up point of the second 
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operation period is more enhanced after the conduction of the CIP, which suggests that a more 

intensive fouling (less cleaning efficiency) occurred in the FLR vessel during the first operation 

period; and this trend is similar to the operating pressure drop confirmed in Section 4.2.2. Compared 

to the operating pressure variation depicted in Fig. 4.5, however, the NPF variation is much more 

relieved in the third period of operation, because the NPF calculation accounted for the flow rate 

variation that was induced by the water temperature fluctuation. 

The permeate flow variation rate (PVR, ton/h) was estimated according to the segmented 

operation terms. The permeate flow variation rate was calculated on the basis of time rate of change in 

NPF between the start-up point and end-point during the operation. As described in Table 4.6, both 

vessels exhibited negative PVR values which inferred the decrease of the NPF, and the FLR showed a 

larger PVR decline compared with the FEn during the entire test period. Specifically, the FLR 

exhibited an approximately 50% higher PVR decrease value compared with the FEn during the first 

operation period, which can be regarded as similar to the trend that was observed in the operating 

pressure study. Furthermore, the PVR decline values of both vessels became larger as the cumulative 

operation time was increased. Noticeably, the NPF and PVR remarkably decreased during the third 

operation period for which the high fouling potential operation condition was adopted. The increase of 

the cumulative operating time and the high fouling potential condition in the third operation period can 

lead to the intensive membrane fouling, and the degree of membrane fouling that was expressed as the 

decreased NPF and enhanced PVR-decline values is more pronounced for the FLR case.  

 

Table 4.6 Permeate flow variation rate (PVR) and salt passage variation rate (SVR) of both 

membranes according to the segmented operation periods. 

 
Membrane 1

st

 operation 

period 
2

nd

 operation 

period 
3

rd

 operation 

period 
Entire test period 

Permeate flow 

variation rate 

(PVR, ton/hr)
a

 

FEn -0.00086 -0.00232 -0.00583 -0.00148 

FLR -0.00125 -0.00243 -0.00657 -0.00175 

Salt passage 

variation rate 

(SVR, %/hr)
b

 

FEn 0.00060 0.00220 0.00836 0.00201 

FLR 0.00162 0.00418 0.01562 0.00405 

 

a: Permeate flow variation rate = (NPF difference between start-up and end point of given operation period) / 

(Elapsed operation time of given operation period)  

b: Salt passage variation rate = (NSP difference between start-up and end point of given operation period) / 

(Elapsed operation time of given operation period) 
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Apparently, the NSP provided a more distinctive performance deterioration behavior in the 

FLR case (Fig. 4.9). The FLR vessel showed a slightly higher salt passage due to the lower operating 

pressure compared with that of the FEn at the initial operation stage. However, the NSP difference 

between the two vessels became larger even though the FLR vessel experienced a higher operating 

pressure increasing tendency compared with the FEn during the entire operation period. The NSP of 

both vessels almost recovered to the initial values after the conduction of CIP, but a more rapid NSP 

increasing behavior was confirmed in the subsequent plant operation.  

Contrary to the operating pressure and NPF variation trends, the NSP difference between the 

two vessels started to become larger just after the initial operation start-up point. The salt passage 

variation rate (SVR, %/h) was also evaluated (Table 4.6). Similar to the PVR, the SVR can be 

estimated from the NSP difference and the elapsed operation time of the given operation period. 

Compared with the FEn vessel, the SVR increase of the FLR vessel is approximately 2.5 times higher 

during the first operation period, and then an approximately twofold increase of the SVR was 

maintained during the remaining operation period, showing more accumulation of fouling and 

subsequent rejection decline in FLR case.  

 

 

Figure 4.9 Performance variations monitoring of the pilot RO system (Normalized salt passage (NSP) 

variations of the FEn and FLR). 
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Fig. 4.10 describes the simulation study results for the average permeate flux of the 

individual elements in a pressure vessel using RO system design software CSMPro 5.0 [115]. The 

flux variation behaviors of the FEn and FLR were compared according to the element position in a 

vessel. Both cases showed the highest average flux for the lead position element and the lowest 

average flux for the end position element. Considering the increased feed water concentration and the 

NDP decline that were caused by the filtered water through the fore positioned elements, the lowest 

flux of the end position element is quite reasonable. Notably, the FLR case exhibited the larger 

average flux difference between the lead and end position elements compared with the FEn. The 

localized working load within a pressure vessel that is due to an uneven individual element average 

flux may accelerate the fouling of the lead position element, which could lead to an enhanced salt 

passage. The membrane fouling propensity increased with the operational flux. Consequently, the 

higher flow rate operation of the lead position element of the FLR vessel caused a more intensified 

membrane fouling. Alternatively, the FEn adopted case may generate a more even working load 

distribution within a vessel, which enables a more stable system operation. 

 

Figure 4.10 Predicted average flux of the individual elements from the simulation study according to 

the located position in a vessel and permeate flow rate of RO elements. 
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4.2.4 Monitoring the relationship between feed pH and permeate pH 

The permeate pH variations of both membranes were measured to further confirm the 

relationship between RO system salt rejection and permeate pH deviation. As described in Chapter. 3, 

evidently larger shift in the permeate pH from the feed pH was confirmed when the membrane had a 

higher salt rejection at a given feed pH, and this phenomenon could be considered to be analogous to 

the decrease in the shift of the pH for the permeate in the lower and higher pH domains of the feed 

solution. The salt rejection variation trends of pilot RO system were illustrated in Fig. 4.11, both 

vessels showed a slightly decreased salt rejection according to the elapsed operation time. Noticeably, 

FLR vessel showed a higher salt passage increasing tendency due to the lower operating pressure and 

intensified membrane fouling compared with that of the FEn.  

 

 

Figure 4.11 Relations between feed pH and permeate pH according to the cumulative operation time 

(Based on the system rejection variations). 

 

To confirm the effect of salt rejection variation on the permeate pH deviation, pH of both 

feed and permeate from each RO element vessels were measured. At the initial stage of operation 

(Elapsed operation time 20 hr, Feed pH 7.03), the system salt rejection difference between two vessels 

was not significant (FLR rejection 98.8%, FEn rejection 99.0%), consequently, there was no marginal 
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difference in permeate pH between two vessels (FLR permeate pH 6.21, FEn permeate pH 6.10). 

Nevertheless, the larger permeate pH deviation at high salt rejection case was confirmed once again. 

After 400 hr operation (Feed pH 7.10, FLR 98.2%, FEn 98.8%), the permeate pH of FLR and FEn 

vessels were indicated as 6.59 and 6.19, respectively. And, at the end of system operation (Elapsed 

operation time 800 hr, Feed pH 7.37, FLR rejection 97.9%, FEn rejection 98.7%), permeate pH of 

FLR and FEn were measured as 6.92 and 6.51, respectively. The permeate pH deviation gap became 

larger as the difference in salt rejection between two vessels was increased. So, it could be further 

confirmed that the salt rejection capability had dominant effect on the permeate pH in RO membrane 

processes.  

 

4.2.5 Estimation of individual elements performances 

The individual element performances including the permeate flux, salt rejection, and 

differential pressure were estimated. The differential pressure is the difference between the feed 

pressure and the brine pressure existing at the end of the elements. Therefore, the differential pressure 

of the individual RO elements can be obtained by measuring the pressure drop as the feed water 

passes through the feed channels. The feed channel blocking that is due to the membrane fouling can 

lead an increase in the differential pressure, which can be an indicative of the estimation of the fouling 

intensity of each RO element. The differential pressure of the pilot RO system was also measured 

during the pilot test; however, due to the relatively short test term, the differential pressure gap 

between pressure vessels is not perceptible. Instead, the differential pressure of the individual RO 

elements before and after the pilot test was measured to compare the fouling intensities according to 

the element flow rate. A total of six RO elements were uninstalled from the pilot test machine after 

finishing the test and then sent to the Toray Chemical Korea Inc. plant to assess the element 

performance including the differential pressure. The performance deterioration values of the used RO 

elements were estimated through a comparison of the retest results to those of the initial performance 

that were measured prior to the pilot test. Specifically, the performance variation according to the RO 

element flow rate was evaluated by comparing the membrane performances of the corresponding 

position RO elements between the two vessels [46]. The element performance was evaluated based on 

the regular grade RO (FEn) standard test condition at 2,000 ppm NaCl, 25 °C, 15% recovery, 15.5 

bar, and pH 7.0.  
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Figure 4.12 Comparison of the individual element flux decline, salt passage increase, and differential 

pressure variation according to the installed position in a vessel. 

 

As described in Fig. 4.12, the lead position FLR element showed an enhanced flow rate 

decrease and salt passage increase compared with the FEn located at the same position in a vessel. 

The end position FLR element exhibited a rather lower flow rate reduction compared with the FEn. In 

particular, even though the overall differential pressure that was measured during the pilot test is 

superficially analogous for both vessels, the differential pressure deviation of the individual elements 

within the same vessel is more prominent in the FLR case compared with the FEn case, which further 

confirmed that the membrane fouling of the lead position element is more pronounced in the FLR 

case. Accordingly, the FLR case also showed a larger differential pressure gap between the lead and 

end position elements. As can be seen in Fig. 4.12, the differential pressure gaps within a vessel are 

0.08 bar for the FEn case and 0.20 bar for the FLR case. In conclusion, the performance deterioration, 

including the flux decline, salt passage increase, and differential pressure increase is more enhanced 

and localized on the lead position element and the intensity is considerably higher in the FLR case 

compared with the FEn case; this is mainly due to the fact that the lead position FLR element 

experienced an enhanced working load due to its inherent higher permeability. 
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4.2.6 Membrane and foulant analysis  

The lead position elements of both vessels were further inspected with diverse analytic 

methods. It was known that different types of foulants and scalants were characterized in each RO 

elements according to its specific position within a pressure vessel [116, 117]. Each RO element was 

autopsied for the extraction of the flat sheet membrane samples and the foulants accumulated on the 

membrane surfaces. At first, the surface features of the virgin and fouled membranes were visualized. 

As shown in Fig. 4.13, when the SEM images of fouled membranes were compared with different 

flow rates, the fouling layer magnitude of the FLR case appears to be quite different compared with 

the FEn case. Considering the fact that the two elements were operated under parallel operational 

conditions, including the feed water characteristics, and had a correlative intrinsic fouling resistance, as 

described in Section 4.2.1, the differences in the fouling layer details are principally due to the more 

intensive fouling of the FLR that originated from its intrinsic higher flow rate.  

 

 

Figure 4.13 SEM images of the fouled and pristine membranes: (a) Pristine FEn (×  1,000), (b) 

Fouled FEn (×  500), (c) Fouled FEn (×  1,000), (d) Pristine FLR (×  1,000), (e) Fouled FLR (×  500), 

(f) Fouled FLR (×  1,000).  
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The organic and inorganic occupying portions of the foulant were evaluated using weight 

LOI method. By adopting the LOI method, the organic substance fraction in the foulant samples can 

be estimated through a measurement of the weight variation after the heating of the samples to the 

previously designed temperature. Generally, the remaining water in the prepared foulant samples 

vaporized at temperatures below 100
 
°C. As a result, the organic/inorganic fractions of foulants can be 

determined by measuring the weight variation between the weights of around 105 °C and the final 

temperature. As shown in Fig. 4.14, an approximate weight loss of 40% was estimated, indicating that 

the volatile organic materials occupied a 40% fraction of the foulant, and approximately 60% of the 

remaining weight originated from inorganic materials, irrespective of the RO element permeate flow 

rate. These results indicate that the organic/inorganic portion of foulants remains as analogous even 

though the fouling intensities in the two foulant samples are different.  

 

 

Figure 4.14 TGA curves of the foulant samples acquired from the lead position FEn and FLR 

elements. 

 

The EDX analysis was conducted to determine the elemental composition of the foulants on 

the membrane surfaces. EDX also can be adopted as an indirective analytic tool for estimating the 

foulant amount due to an energy intensity that is comparative to the element concentration. According 

to Fig. 4.15, both the chemical composition and the peak intensities appear to be similar and are not 

dependent on the RO element flow rate grade. Notably, the inorganic fouling sources mainly consist 

of aluminum and silica. There was a slight possibility of an exclusive silica deposition on the 
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membrane surface, because silica exists in most water sources abundantly, and the feed water silica 

concentration was managed within the region of 2.3 ppm to 2.9 ppm during the test period. 

Aluminum, however, is known as one of the most dominant precipitants, and the aluminum 

concentration is noticeably higher than the RO feed water guideline of 0.05 ppm [114]. As described 

in Table 4.4, the aluminum concentration varied from the initial value of 0.12 ppm to 0.19 ppm after 

the retentate recycling, and this value is almost two-to-four times higher than the guideline limitation. 

Consequently, the aluminum and silica formed insoluble aluminum-silicate deposits on the membrane 

surface [46].  

 

 

Figure 4.15 EDX chemical precipitations on the fouled RO membrane: (a) FEn and (b) FLR. 

 

The TOC measurements of the eluted organic materials from the fouled membranes were 

conducted to quantitatively compare the organic fouling intensity of the two membranes (Fig. 4.16). 

Fouled flat sheet membrane samples of 15 cm
2
, which were extracted from the lead position elements 

of both vessels, were stored and agitated in 100 ml of deionized water at predetermined conditions 

(30°C solution temperature, 7 days soaking time), and then the eluted organic content was filtered 

with a 0.45 μm prefilter before it was subjected to the TOC analyzer. The averaged value of the six 

experimental TOC analysis runs was calculated. The FLR case showed a higher eluted organic 

substance concentration than the FEn case. It could therefore be concluded that the LPRO operation 

treating the high fouling potential feed water evidently increased the fouling propensity to the organic 

foulants. Notably, the pristine membrane sample that was adopted as a reference also exhibited low 

organic concentration levels; this seems to be due to the trace of the residual chemicals that were 
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applied for the polysulfone support and the polyamide thin layer formation in the RO membrane 

preparation process. However, these residual chemicals should be thoroughly washed out during the 

RO element performance measurement and flushing processes.  

 

 

Figure 4.16 TOC concentration of the eluted organics from the foulants on the membrane surface. 

 

4.2.7 LPRO feasibility estimation based on the pilot test results 

The economic and practical feasibility of LPRO was evaluated through the simulation study 

using RO system design software CSMPro 5.0 (Toray Chemical Korea Inc.) [115]. It was assumed 

that a reuse plant with a 50,000 ton/day capacity was designed with the adoption of either the FEn or 

the FLR, and the other design details are shown in the Table 4.7. As shown in Table 4.7, the same 

numbers of pressure vessels and RO elements were derived, so there would be no difference in the 

capital cost for both simulation cases. The operation cost difference between the two simulation cases 

could be estimated by comparing the specific energy consumption (kWh/ton) that is calculated from 

the predicted operating pressure. On the other hand, the allowable minimum salt rejection value of the 

system was presumed as 98% to estimate the effect of the different flow rate RO elements on the 

permeate water quality. Other design details such as the array configuration, system recovery, and 

average permeate flux, were determined according to the conventional reuse plant design protocol 

provided by the filter technical support team of Toray Chemical Korea Inc. 
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The annual flux decline value (%/year) and the annual salt passage increase value (%/year) 

were adjusted based on the preceding pilot test result. According to Table 4.6, the FLR case 

represented a permeate flux decline tendency that was enhanced by roughly 20% during the entire 

operation period, so the annual flux decline of the FLR case was adjusted as 14.4%/year, which is a 

20%-higher value compared with the default setting of 12%/year that is commonly applied for the 

reuse plant design process. Accordingly, the 12%/year annual flux decline setting was adopted for the 

FEn case for the simulation study. The annual salt passage increase (%/year) value of the FLR was 

also adjusted because the FLR exhibited a salt passage increasing tendency that is almost twice as 

high during the entire pilot test period. The annual salt passage increase settings of both cases were 

assumed as the default value of 10%/year for the FEn case, which is normally adopted for the reuse 

plant design process, and 20%/year for the FLR case. These default setting values are exactly same as 

those of RO design software IMSDesign 2015 (Hydranautics, Oceanside, CA, USA). On the other 

hand, other design programs including DS2 (Toray Industries Inc., Tokyo, Japan) and ROSA (Dow 

Chemical Company, Midland, MI, USA) set the default setting values slightly conservative compared 

to those of CSMPro 5.0 and IMSDesign 2015. The setting values of each RO membrane manufacturer 

were derived from the internal test results and the empirical field data acquired from various 

applications [115, 118-120]. An additional FLR based simulation study for which the default values 

of both the annual flux decline and the annual salt passage increase were adopted was also conducted 

to estimate the effect of the adjusted input variables on the simulation results.  

 

Table 4.7 Design parameters for the simulation study to estimate the LPRO feasibility. 

Design parameter Details 

Designated product flow 50,000 ton/day 

Membrane type and model Case 1 : RE8040-FEn, Case 2 : RE8040-FLR 

Array configuration 2 Array (270 : 1
st

 stage, 135 : 2
nd

 stage),  6 Elements/pressure vessel 

Recovery ratio (%) 75% 

No. of pressure vessel (EA) 405 

No. of element (EA) 2,430 

Average permeate flux (GFD) 13.6 
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Figure 4.17 Simulation study results for which the design parameters obtained from pilot test were 

adopted: Predicted specific energy consumption (kWh) comparison as to the cumulative operation 

time. 

 

Fig. 4.17 shows the annual specific energy consumption (kWh/ton) estimation result of the 

simulation studies. The specific energy consumption (operating pressure) of FEn case was 22.5% 

higher than those of FLR cases at the beginning of the system operation (0 year). When comparing the 

FEn and the 12%/year annual flux decline FLR case, the difference in the operating pressure 

(expressed as specific energy consumption) was predicted to increase from 22.5% (0 year) to 27.0% 

(5 year) as the operation year elapsed. Consequently, the average operating difference ratio was 

calculated as 24.4% during entire operation period (5 years). On the other hand, an additional FLR 

based simulation study for which adopting the annual flux decline setting as 14.4%/year exhibited 

considerably different variations. In this case, the operating pressure difference ratio was expected to 

decrease from 22.5% (0 year) to 14.3% (5 year) as the operation time elapsed, and the average 

operating pressure difference ratio was calculated as 17.8% during the same operation period. As a 

result, it could be confirmed that the energy saving advantage of the LPRO application could be 

significantly reduced in the long-term operation. Although it was predicted that the FLR was fairly 

advantageous for lowering the operating pressure at the initial stage of system operation, it was 

necessary to make a comprehensive judgment with considering the enhanced flux decline 

accompanied by the frequent CIP intervals and the following product water quality issue.  
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Figure 4.18 Simulation study results for which the design parameters obtained from pilot test were 

adopted: Predicted system rejection comparison as to the cumulative operation time. 

 

As shown in Fig. 4.18, the system rejection prediction results addressed another serious issue 

in the model plant management. As previously described, a 98% system rejection was presumed as 

the minimum allowable value for the permeate water quality. For the FEn case, it was predicted that 

the permeate water quality could meet the designated water criteria up to the fifth year without an RO 

element replacement; however, the system rejection of the FLR case was predicted as 97.7% at the 

second year for the 20%/year salt passage increase case and 97.8% at the third year for the 10%/year 

salt passage increase case. This is mainly due to the lower operating pressure and the higher annual 

salt passage increasing tendency of the FLR. The required quantity of the FLR elements to meet the 

presumed system rejection of 98% can be estimated by varying the partial replacement ratio. As can 

be seen in Table 4.8, 83.3% of the total FLR elements must be replaced at the second year for the 

20%/year annual salt passage case, and a 50% element replacement is needed at the third year for the 

10%/year annual salt passage case. The term “element average age” in Table 4.8, means the 

maximum allowable element average age to match the desired permeate water quality. That is, a 

significant amount of FLR elements must be partially replaced in the subsequent operation year to 

maintain the required element average age and the consequent permeate water quality. 
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Table 4.8 Required quantity of FLR elements to meet the designated permeate water criteria as 98% 

system rejection. 

 Replacement year No. of replaced elements  
Element average age after     

partial replacement 

20%/year annual salt 

passage increase case 
2nd year 2,025 EA (83.3%) 1.2 year 

10%/year annual salt 

passage increase case 
3rd year 1,025EA (50.0%) 2 year 

 

 

When considering the inevitable element replacement cost, including the RO element 

purchase, labor cost, auxiliary devices cost, and the plant shutdown loss during the RO element 

replacement, the operating cost saving obtained from the lowering of the operating pressure could be 

offset eventually in the long-term operation. To summarize, LPRO exhibited a higher salt passage 

increase and an enhanced permeate flow rate decrease when it was facing the high fouling potential 

feed water. So, to utilize LPRO stably during long-term commercial operations, a highly advanced 

pretreatment process installation must occur first. Therefore, the LPRO application for high fouling 

potential feed water must be determined with careful consideration in terms of the initial capital cost 

and the operation and maintenance (O&M) cost. 

 

4.3 Conclusions 

In this study, the feasibility of low-pressure (high flow rate) RO elements was evaluated 

through the adoption of feed water with a high fouling potential and two types of commercial RO 

elements with different permeate flow rates. Both the FEn and FLR membranes exhibited quite 

similar surface characteristics with the only exception of permeability. The initial operating pressure 

difference at the beginning of the operation clearly originated from the intrinsic flow rate difference 

between the two RO elements. However, the operating pressure difference became diminished as the 

membrane fouling progressed. The continuous decrease of the normalized permeate flow (NPF) 

became larger according to the operation time due to the accumulative membrane fouling, and the 

degree of permeability decrease is more pronounced for the FLR vessel. The normalized salt passage 

(NSP) difference between the two vessels started to become larger just after the initial operation start-

up point. The salt passage variation rate (SVR) of the FLR vessel was maintained at approximately 

2.0 to 2.5 times higher during the entire operation period. Evidently larger shift in the permeate pH 
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from the feed pH was also confirmed when the membrane had a higher salt rejection at a given feed 

pH. 

Due to the higher permeability of the FLR membrane, the lead position element of the FLR 

vessel operated at a higher average flux compared with the FEn case, which led to a localized working 

load and an intensified membrane fouling. The individual RO element retest results, along with the 

instrumental analysis for the membrane coupons and foulants, further confirmed the more localized 

and intensified fouling in the FLR adopted case. The localization of fouling load within a pressure 

vessel in the LPRO applying case caused about 20% higher flux decline and almost 2-times higher 

salt passage inclination tendency than those of standard RO membranes. The RO system design 

simulation study with the adjustment of software input variables predicted that the energy saving 

capacity of LPRO membranes, which can be expressed as average operating pressure difference ratio 

(%) between two membranes, decreased from 24.4% to 17.8% and a substantial quantity of LPRO 

elements (83.3%) must be replaced to meet the designated water criteria only after 2 years operation. 

So, the LPRO application for high fouling potential feed water needs to be determined with a careful 

consideration regarding the total operation and maintenance (O&M) cost. 
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Abstract 

 

Effects of the structural configuration of RO elements on the fouling behavior and membrane 

performance including permeate pH were evaluated. The performance deterioration of RO membrane 

processes caused by the accumulation of rejected solutes on membrane surface is an inevitable 

phenomenon in membrane processes. The feed spacer in spiral wound reverse osmosis (RO) 

membrane modules can provide the structural support to keep feed channel open and also allow 

turbulent flow to mitigate solute concentration build-up at the vicinity of membrane surface. The 

objective of this study was to investigate the effect of feed spacer thickness on membrane fouling 

behavior, permeate pH variation, and cleaning efficiency in a pilot test during a 659 hr operation. 

Feed spacers made from polyethylene with different thickness 28-mil (1-mil is equal to 0.0254 

millimeter) and 34-mil were used in pilot test. Other feed spacer design parameters such as angle and 

width between fibers were maintained as analogous. Furthermore, fouling load distribution was 

studied by measuring normalized differential pressure of individual elements in pressure vessels. 

Foulant analysis according to feed spacer thickness was also conducted to compare fouling 

propensities. This study showed that a thicker feed spacer could reduce membrane fouling, 

subsequently decrease the membrane cleaning frequency, and allow an even fouling load distribution 

along the RO elements installed in a pressure vessel. And the permeate pH deviation gap between two 

feed spacer cases was also evidently became significant as the difference in salt rejection increased. 

So, it could be confirmed again that the salt rejection was crucial factor in determining the permeate 

pH. 
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5.1 Experimental materials and methodology    

5.1.1 Detailed description on the pilot test    

Mobile RO filtration system with two independent sets of pressure vessels located in A Steel 

(Dangjin City, Korea) was used for the pilot test. The schematic of the pilot testing mobile long-term 

test machine is shown in Fig. 4.1. The system was operated in a single feed pass mode that allowed 

parallel evaluation of two pressure vessels each equipped with a separate types of RO elements. Each 

pressure vessel housed three 8-inch diameter commercial RO elements in series having an effective 

are of 380 square feet (35.3 square meters). The RO elements in vessel A used a 34-mil feed spacer, 

and the elements in vessel B used a 28-mil spacer (Table 5.1). Detailed RO element configuration and 

RO system performance monitoring were described in Table 5.1. The mil, which is widely used in 

measuring the diameter of fiber strands, is a length unit equal to one thousand of an inch (1-mil = 

0.0254 mm). The RO elements in vessel A and B all had the same membrane type, effective area, 

composing materials and so on, and were identical except for the feed spacer thickness. Almost all 

feed spacers used in commercial RO membrane manufacturing are extruded netting which are made 

by two sets of intersecting strands. Strand spacing, angle and diameter are critical design parameters 

of feed spacer. Strand diameter, which determines the spacer thickness, was solely varied in this study 

(Fig. 5.1).  

 

Table 5.1 Detailed description about test condition and monitoring parameters. 

RO Elements configuration and evaluation parameters 

RO Element 

configuration 

Pressure vessel A 
RE8040-FEn34

a
 (with 34-mil

b
 feed spacer)  

10,000GPD
c
 (37.9 m

3
/day)

 
/ 99.70%  

(15.5 bar, 25
o
C, 2,000 ppm NaCl, 15% recovery, pH 7.0) 

Pressure vessel B 
RE8040-FEn28

a 
(with 28-mil

b
 feed spacer)  

10,000GPD
c
 (37.9 m

3
/day)

 
/ 99.70%  

(15.5 bar, 25
o
C, 2,000 ppm NaCl, 15% recovery, pH 7.0) 

Operation 

conditions 

Feed (m
3
/hr) 6.5 m

3
/hr (per each pressure vessel) 

Recovery (%) 33% 

Permeate (m
3
/hr) 2.2 m

3
/hr (per each pressure vessel) 

Monitoring 

parameters 

Conductivity (
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Figure 5.1 Design parameters and optical images of feed spacers with different strand diameter. 

 

The RO system configuration adopted in this study was intended to simulate the first stage of 

a three-staged commercial RO system used for producing cooling water from a conventionally-

pretreated surface water. In multi-staged RO system, the concentrate of the preceded RO stage 

becomes the feed water for the following RO stage. A multi-staged RO system is suitable for a high 

water recovery treatment process. As shown Fig. 5.2, the 1
st
 stage of main plant operated at 50% 

recovery with 6 elements per vessel. On the other hand, the pilot system operated at 33% recovery 

with 3 elements per vessel due to the recovery limitation of individual RO element. 

 

 

Figure 5.2 Schematic diagram of multi-staged RO system for high recovery water treatment process. 
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5.1.2 Long-term pilot test 

The pilot system was operated at a constant flux and recovery but in variable pressure mode. 

The feed water, which passed through 5.0-micron microfilter, was fed into 2 pressure vessels. The RO 

membrane fouling was evaluated by monitoring the increase in the normalized differential pressure to 

keep the same flux and recovery. Membrane performance deterioration due to fouling was expressed 

as normalized differential pressure (NDP) variation trend.  

 

    Differential pressure (DP) = Pf – Pc                                                                                                 (5.1) 

(Pf : Feed pressure, Pc : Concentrate pressure) 

 

    Normalized DP (NDP) = DP1 
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5.1.3 Membrane analysis 

 To characterize the membrane fouling according to feed spacer thickness, membrane flat 

sheet coupons were extracted from lead position RO elements of each pressure vessel used in the pilot 

test. The techniques used in the surface characteristics of fouled membrane included: visual 

observation, scanning electron microscopy with energy dispersive X-ray (SEM-EDX), total organic 

carbon (TOC) analyzer and thermal gravimetric analysis (TGA). The surface characteristics of 

pristine and fouled membranes were observed by visual inspection and scanning electron microscopy. 

The sampling of pristine and fouled membranes was conducted at the same position of the membrane 

elements at the lead position of each pressure vessel. Membrane surface morphology and the 

elemental chemical analysis of the membrane samples were performed using a SEM (Novanano 230) 

(FEI, Hillsboro OR, USA) equipped with EDX (Apollo-XSDD) (EDAX, Mahwah NJ, USA).  

Organic fouling intensity on the membrane surfaces using two different types of feed spacers 

was evaluated by measuring the total organic carbon concentration. Fouled membrane flat sheet 

coupons of 15cm
2
 were stored and agitated in 100 ml deionized water for seven days. The eluted 

organic content from fouling layer of membrane surface was analyzed by using a TOC analyzer 

(TOC-500) (Shimadzu, Kyoto, Japan). The portion of organic and inorganic material in accumulated 

foulants was estimated by weight loss on ignition (LOI) method with adopting thermal gravimetric 

analysis. Weight LOI of foulants can be considered as an indicative for determining the organic 

portion of fouling layer. Foulants on membrane surface were peeled off by softly scratching the 

foulants with soft rubbery blades. The collected foulant samples of each membrane elements were 

gradually heated up to 700
o
C by using TGA (Discovery) (TA Instruments, New Castle DE, USA).  

 

5.2 Results and Discussion    

5.2.1 Membranes performance variation with different thickness of feed spacers 

Figure 5.3 shows the NDP of RO filtrations that used 34-mil and 28-mil feed spacer during a 

659 hr operation, respectively. The 34-mil feed spacer applied pressure vessel exhibited less initial 

NDP and relatively slow NDP increment up to 264 hr of operation (1
st
 period of operation). The 

specific NDP increment (NDP/hr) of the 34-mil feed spacer case was 0.00107 bar/hr, however, that of 

28-mil feed spacer case was 0.0019 bar/hr, almost 78% higher than the 34-mil spacer. The operation 

time to reach 1 bar of NDP predicted based on the specific NDP at 1
st
 period of operation were 330 hr 

and 652 hr when 34-mil and 28-mil feed spacers were used, respectively. The thicker, 34-mil, spacer 

could elongate the filtration time reaching the designated NDP (1 bar) by almost 2 fold compared to 

the 28-mil feed spacer.  



  ９８ 

 

 

 

Figure 5.3 NDP for two vessels controlled to the same flux and recovery (full operation period). 

 

When the pilot testing was designed, cleaning-in-place (CIP) was intended to conduct at the 

moment when the NDP reached 1 bar. However, the NDP increasing rate of thicker feed spacer case 

was rather low, and therefore, both the operation condition and raw water source were changed after 

264 hr operation to promote membrane fouling during the 2
nd

 period operation. That was intended to 

promote membrane fouling of thicker feed spacer at a harsh condition. A detailed description on the 

change of operation condition and raw water quality are described in Table 5.2. The variance of feed 

water quality was originated by the alteration of pretreatment process. After passing the conventional 

coagulation and sedimentation process, the raw water was filtered by fine fibrous microfilter prior to 

RO membrane system. Up to 264 hr (1
st
 period of operation), 2 step filtration with 5 micron and 2 

micron microfilter was adopted by sequential manner during pretreatment step, whereas solely 5 

micron filter was applied as pretreatment during 2
nd

 period of operation (from 264 hr to 659 hr).  
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Table 5.2 Detailed description about operation condition and water quality. 

  Start ~ 264 hr After 264 hr Features 

Operation 

Condition 

Permeate (m
3
/hr) 2.2 m

3
/hr 2.7 m

3
/hr 23% up 

Recovery (%) 33% 40% 21% up 

 

Water Quality 

   Al     mg/l 0.14 0.23  

Si mg/l 0.78 1.4  

Mn mg/l N.D 0.31  

Ba mg/l N.D 0.05  

Sr mg/l 0.14 0.32  

Na
+
 mg/l 42.0 57.0  

K
+
 mg/l 7.2 7.5  

Mg
2+

 mg/l 5.1 7.1  

Ca
2+

 mg/l 36.6 65.4  

Cl
-
 mg/l 56.9 81.9  

NO3
-
 mg/l 11.1 16.9  

SO4
2-

 mg/l 63.4 107.2  

pH - 7.1 7.1  

Conductivity us/cm 535 613  

TOC mg/l 2.1 2.9 38% up 

SDI - 4.3 5.7 32% up 

Turbidity NTU 0.17 0.30 43% up 

 

 

As shown in Table 5.2, permeate flux increased to 2.7 m
3
/hr, and the recovery ratio also 

increased to 40% at 2
nd

 period of operation (from 264 hr to 659 hr). There were no remarkable 

changes in ionic composition and total conductivity after alteration of feed water source; however, 

TOC, turbidity and SDI values were considerably increased. As shown at the 2
nd

 period of operation 

in Fig. 5.3, feed water quality represented by SDI values became worse and increased permeate flux 

also enhanced the membrane fouling propensity compared to the 1
st
 operation. Consequently, NDP 

increasing tendency was noticeably enhanced. For 28-mil spacer case, the specific NDP (bar/hr) was 

increased up to 0.0071 at 2
nd

 period which exhibited an almost 3.5 fold higher value compared to 

specific NDP of 1
st
 period. Therefore, marginally one day of additional operation was enough to reach 

the designated 1 bar of NDP. In comparison, roughly eight days of additional operation was required 

to attain 1 bar of NDP in case of 34-mil spacer. Furthermore, the specific NDP increment of 34-mil 

feed spacer in the 2
nd

 period of operation was also lower than that of 28-mil spacer. To compare the 

flux recovery ratio by cleaning-in-place (CIP) at equal conditions, the operation of 28-mil case was 
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ceased until the NDP of companion part reached 1 bar. Additional interpretation of the CIP result and 

fouling propensity is described in the following section.  

 

 

Figure 5.4 Membrane performance variation comparison between two feed spacer cases (salt 

rejection). 

 

Salt rejections showed similar patterns at the 34-mil and 28-mil feed spacer operations (Fig. 

5.4). The slightly higher rejection of 28-mil spacer was due to the fact that the operating pressure of 

28-mil spacer case was slightly elevated compared to that of the 34-mil spacer. The pilot RO system 

for this study was operated at a constant permeate flux mode, which matched the flux and recovery of 

both pressure vessels. Therefore, compensation pressure change was inevitable for the 28-mil spacer 

to meet the designated flux and recovery. The operating pressure of 28-mil spacer case was higher 

than that of 34-mil case in the range of 0.2 ~ 0.3 bar throughout the entire test period. Even though 

there was a slight rejection decrease caused by irreversible fouling during the operation time, 

relatively stable rejection was attained for both feed spacer cases during entire pilot test operation 

period.  

The potential of membrane fouling increases with the contact time between foulants and the 

membrane surface. Thicker feed spacer provides a sufficient amount of available space between the 
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membrane surface and feed spacer, reducing contact time between the two and subsequently reducing 

precipitation of the foulants onto the membrane. Additionally, the increased foulant concentration at 

the vicinity of membrane surface also can enhance membrane fouling by providing more 

opportunities of interaction between foulants and membrane surface. Foulant concentration build up, 

termed concentration polarization, can be mitigated by increasing the turbulent flow along the 

membrane surface. The 34-mil feed spacers increased the turbulent flow along the membrane surface 

by forcing the bulk flow to propel through sharper angles around filaments of feed spacer. Increased 

turbulence led to fewer foulants blocking within membrane feed channel, resulting in less resistance 

to the flow of water and lesser pressure drop along the membrane surface [53, 72, 73, 75, 80, 82, 85, 

89]. 

 

5.2.2 Monitoring the relationship between feed pH and permeate pH 

The permeate pH variations of both membranes were monitored to further confirm the 

relationship between salt rejection and permeate pH deviation. As described in Fig. 5.5, salt rejection 

and permeate pH variation trends were monitored after 480 hr operation, because both feed spacer 

cases exhibited almost same salt rejection values up to 2
nd

 CIP point (480 hr). The slightly higher 

rejection of 28-mil spacer was due to the fact that the operating pressure of 28-mil spacer case was 

slightly elevated compared to that of the 34-mil spacer due to enhanced membrane fouling. The 

operating pressure of 28-mil spacer case was higher than that of 34-mil case in the range of 0.2 ~ 0.3 

bar throughout the entire test period. To confirm the effect of salt rejection variation on the permeate 

pH deviation, pH values of both feed and permeate from each vessels were measured. After 480 hr 

operation time (Feed pH 7.10), the system salt rejection difference between two vessels was not 

significant (28-mil spacer case rejection 98.0%, 34-mil spacer case rejection 97.8%). So, there was no 

noticeable difference in permeate pH between two vessels (28-mil spacer case permeate pH 6.51, 34-

mil spacer case permeate pH 6.74). After 560 hr operation (Feed pH 7.02), salt rejection of both feed 

spacer cases was increased due to the elevated operating pressure (28-mil spacer case rejection 98.4%, 

34-mil spacer case rejection 98.2%), consequently, the permeate pH was more shifted from feed pH 

compared to those from 480 hr operation time (28-mil spacer case permeate pH 6.11, 34-mil spacer 

case permeate pH 6.33). And, at the end of system operation (Elapsed operation time 640 hr, Feed pH 

7.04, 28-mil spacer case rejection 98.2%, 34-mil spacer case rejection 97.9%),  permeate pH of 24-mil 

spacer and 34-mil spacer cases were measured as 6.34 and 6.80, respectively. The permeate pH 

deviation gap between two spacer cases evidently became larger as the difference in salt rejection 

increased. So, it could be further confirmed that the salt rejection capability had major effect on the 

permeate pH determination in RO membrane process.  
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Figure 5.5 Relations between feed pH and permeate pH according to the cumulative operation time 

(Based on the system rejection variations). 

 

5.2.3 Evaluation of CIP efficiency and normalized differential pressure (NDP) of 

individual RO elements 

Membrane fouling according to the feed spacer thickness was also evaluated by comparing 

NDP recovery ratio after performing CIP (Cleaning-in-place). CIP procedure applied in this study is 

described in Table 5.3, and the protocol was optimized through the 3 years operational experience of 

main RO plant installed in A steel company, which has been treated an analogous feed water to pilot 

RO plant. After CIP, the NDP of pressure vessel which contained 28-mil and 34-mil feed spacers 

showed the decline of the values from 1.02 bar to 0.59 bar and from 1.10 bar to 0.44 bar, respectively 

(Fig 5.6). In case of 34-mil feed spacer case, even though the total operation time to attain 1 bar of 

NDP was much longer, the intensity of fouling layer, expressed as NDP recovery ratio, was lower 

compared with 28-mil feed spacer case. The NDP recovery ratio of 28-mil and 34-mil feed spacer 

cases were 42.4% and 56.4%, respectively. The thicker feed spacer mitigated membrane fouling 

intensity and thus enhanced the CIP efficiency. 
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Table 5.3 Detailed CIP (Cleaning-in-Place) procedure adopted in this study. 

1. Preparing inorganic cleaning solution
a
 : 1% cleaning chemical, pH 2.5, 35°C 

2. Recycling for 1 hour with inorganic cleaning solution at 2 bar, flow rate 6 m
3
/hr 

3. Soaking for additional 16 hours with inorganic cleaning solution and flush the system 

4. Preparing organic cleaning solution
b
 : 1% cleaning chemical, pH 10.5, 35°C 

5. Recycling for 1 hour with organic cleaning solution at 2 bar, flow rate 6 m
3
/hr 

6. Soaking for additional 1 hour with organic cleaning solution 

7. Recycling for 1 hour with organic cleaning solution at 2 bar, flow rate 6 m
3
/hr 

8. Soaking for additional 1 hour with organic cleaning solution, Flush and start normal operation 

a: Inorganic cleaning agent: Purichem MC-128K (Primetech International Co., Ltd., Gyeonggi-Do, Korea)                           

b: Organic cleaning agent: Purichem MC-254K (Primetech International Co., Ltd., Gyeonggi-Do, Korea) 

 

 

Figure 5.6 NDP recovery rate (%) after CIP. 

 

The NDP of individual elements were investigated at various positions within a pressure 

vessel and at the same positioned elements among vessels that used different thickness of feed spacers. 

The elements were collected without flushing after finishing pilot test and sent to Toray Chemical’s 

RO element manufacturing plant to measure the NDP of individual elements. The measurements were 

conducted after 5 minutes of operation under standard test conditions to minimize foulant loss from 

the membrane surface and reduce the likelihood of inaccuracies in the foulant analysis. As shown in 

Fig. 5.7, elements manufactured using 34-mil feed spacer exhibited lower NDP compared to the same 

position of 28-mil case. And relatively higher NDP was shown at the lead position elements (element 

No.1) for both cases. Furthermore, the NDP gap between lead element (element No.1) and tail 
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element (element No.3) of 34-mil case was smaller than that of 28-mil case. These results indicate that 

fouling load can be more evenly distributed by applying thicker feed spacer. If fouling load was 

highly concentrated on the lead element of pressure vessel, there would be a higher probability for RO 

system trouble in long-term operation. And, most RO plants adopt pressure vessels containing at least 

6 elements per one vessel and operate at higher recovery rate compared to our pilot test. In such cases, 

concentration of fouling load on the lead position element may result in more severe performance 

deterioration.  

 

 

Figure 5.7 Individual elements NDP comparison according to feed spacer thickness and element 

position.  

 

NDP and flux variations comparisons between pristine and fouled elements were also 

conducted. And the variations of those values after pilot test were expressed as increment ratio (%) 

from its initial value for both feed spacer cases. As shown in Fig. 5.8, thicker, 34-mil, feed spacer case 

also exhibited less flux decline and differential pressure increment comparing to 28-mil spacer. These 

results again support the conclusion that the thicker feed spacer could minimize membrane 

performance deterioration caused by membrane fouling.    
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Figure 5.8 Differential pressure and permeate flux variations between pristine and fouled elements 

for both feed spacer cases. 

 

5.2.4 Membrane and foulant analysis 

After investigating the effect of CIP on NDP of each elements using 34-mil and 28-mil feed 

spacer, lead position elements of both cases were characterized with various analytic tools. Visual 

inspections of outer wrappings and ATD (anti telescoping device) of RO elements were conducted. 

The elements were then autopsied and unrolled for additional visual inspection of individual 

membrane leaves. After the visual inspections, membrane flat sheet coupon samples and foulants 

deposited on the membrane surfaces were collected for further chemical analysis including SEM-

EDX, TGA and TOC. 

 

5.2.4.1 Visual inspections and organic/inorganic fraction of foulant layer 

The outer wrapped FRP (fiber reinforced plastics) parts of both elements were clean, and 

traces of contaminants were detected on the feed part ATDs. When the RO elements were unrolled, 

brownish foulant was visible on the membrane surface for both feed spacer cases.  
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Figure 5.9 Visual inspection and SEM images of fouled and pristine membranes: (a) and (b) Outer 

wrapping images, (c) and (d) Feed side images, (e) and (f) Brine side images, (g) Image of autopsied 

elements, (h) ~ (j) SEM images of the fouled and pristine membranes (×  1,000).     

 

Digital camera and scanning electron microscopy (SEM) images of both membranes are 

presented in Fig. 5.9. For 28-mil case, more evident brownish color foulant regarded as foulant 

deposits can be identified by visual inspection. SEM images of both spacer cases and neat membrane 

further confirm that the thinner feed spacer (28-mil) case is more susceptible to fouling. Surface 

foulant layer intensity of 28-mil case seemed to have more dense structure than that of 34-mil case. 

Considering the same feed water source and operational variables, the difference in foulant layer 

features was mainly due to the feed spacer thickness.  

 

5.2.4.2 Foulant analysis 

The organic/inorganic fraction of foulant was analyzed through weight LOI (Weight Loss on 

Ignition) method. Using the LOI method, organic matter portion in a collected foulant was determined 

by measuring weight loss after burning up to predetermined temperatures. The weight loss below 

100
o
C is generally regarded as vaporized water remaining in the collected foulant samples. So, the 

organic/inorganic portion of collected foulants can be estimated by comparing sample weight loss 

between weight of terminal temperature and weight of about 105
o
C. Fig. 5.10 shows that foulants of 

34-mil feed spacer element consisted of about 50% volatile solids indicating several organic materials 

and about 50% remaining inorganic materials. On the other hand, the organic portion slightly 

increased up to 55% for 28-mil feed spacer case. These results further indicate that the organic fouling 

was more concentrated on the lead elements of the thinner, 28-mil, feed spacer case.     
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Figure 5.10 TGA of foulant samples for both feed spacer cases. 

 

Energy dispersive X-ray (EDX) and total organic carbon (TOC) analysis was conducted to 

characterize the foulants on the membrane surfaces. EDX can determine the elemental composition 

and the semi-quantitative amount of foulant deposited on membranes since the intensity of the energy 

is proportional to the concentration. However, the x-ray technique was limited to the organic material 

analysis. According to Fig. 5.11, both 28-mil and 34-mil cases represented quite similar chemical 

composition and peak intensities. Especially, aluminum and silica comprised the majority of the 

inorganic fouling deposits on membrane surface. Generally, dissolved silica emerges in most of water 

resources in the range of 1-100 ppm, and silica present in RO feed water at a concentration greater 

than 20 ppm is flagged as a potential for silica scaling. Therefore, it seems that silica itself did not 

induce silica deposits on membrane surface, since the silica concentration of feed water used for this 

study was maintained within 0.78-1.40 ppm. On the other hand, aluminum is the most powerful 

known precipitant of silica forming insoluble aluminum silicates. Most RO membrane manufacturers 

recommend that the aluminum concentration be maintained at less than 0.05 ppm in RO feed water [1, 

2]. The feed water for this study was pretreated with alum-based coagulant and thus it was suspected 

that there might be over dosage of the coagulant with a carry-over of alum to RO feed water. As 

shown in Table 5.2, aluminum concentration was 0.14-0.23 ppm roughly 3-5 times higher than 
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recommended concentration in RO feed water. As a result, it seems that aluminum reacted with silica, 

forming aluminum silicate precipitates on the membrane surface. 

 

 

Figure 5.11 Chemical precipitations by EDX on the fouled RO membrane: (a) 28-mil spacer case and 

(b) 34-mil spacer case. 

 

The quantitative TOC measurements of detached organic content from foulants on 

membrane surface showed different results between the feed spacers. Fouled membrane coupons and 

virgin membrane with a reference of 15 cm
2
 were stored in 100 ml deionized water for seven days at 

30
o
C with mild agitation at 100 rpm. The supernatant of soaking solutions containing the organic 

effluent from foulants were filtered with 0.45-micron microfilter, and then subjected to TOC analysis. 

The TOC data shown in the Fig 5.12 are an average of five experimental runs. Interestingly, unfouled 

virgin membrane also showed low levels of organic effluent. It was likely due to the residual 

chemicals used in the polyamide membrane preparation. However, these residual chemicals must be 

thoroughly flushed out during RO module preparation process. So, the TOC values of the organic 

substances eluted from foulants on membrane surface can explain the state of membrane fouling 

numerically, especially regarding organic fouling. As shown in Fig. 5.12, 28-mil spacer case shows 

higher eluted organic material concentration than that of 34-mil spacer case. Thicker spacer 

represented evidently lower fouling susceptibility to organic foulants.  
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Figure 5.12 TOC value of eluted organic substances from foulants on membrane surface.  

 

Contrary to inorganic fouling rate, thicker spacer represented evidently lower fouling 

susceptibility to organic foulants. Generally, organic fouling mainly focused on the lead elements of 

the 1st stage of multiple RO arrays, whereas inorganic fouling also refered as a scaling originated 

from the last elements of the last stage. So, considering the configuration of the pilot test system and 

the lead position of the autopsied elements, the discrepancy of organic fouling intensities between 

feed spacers in terms of TOC value was quite reliable. However, it was unable to confirm any 

noticeable difference in inorganic fouling rates in lead position elements. Furthermore, additional 

autopsy studies on the end position elements of the pilot system did not reveal notable difference in 

inorganic fouling tendency. From above results, it could be also concluded that much harsher 

operation conditions such as higher recovery and higher scaling forming potential salt concentration 

would be necessary to evaluate the inorganic fouling mitigation effect of thicker feed spacer. 
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5.3 Conclusions    

This study was undertaken in an attempt to validate the fouling reduction effects of thicker 

feed spacer in terms of normalized differential pressure (NDP) and fouling load distribution for a pilot 

test using commercialized 8 inch RO elements. Both NDP of each pressure vessels and individual 

elements exhibited lower values in thicker feed spacer case. Also CIP more effectively washed out the 

fouling layer on the membrane in thicker spacer case. Specifically, it was possible to distribute fouling 

load more evenly by applying thicker feed spacer that enabled a more stable long-term RO system 

operation. Organic effluent foulants in lead position elements also tended to focus more on thinner 

spacer adopted elements. From this study, applying thicker feed spacer allowed a reduction in fouling, 

a decrease in membrane cleaning frequency, and prolonging the life cycle of the membranes. The 

permeate pH deviation gap between two spacer cases evidently became larger as the difference in salt 

rejection increased. These results further confirmed that the salt rejection capability of RO membrane 

had major effect on the permeate pH determination.  
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Reverse osmosis (RO) membrane processing has been proven to be the most economically 

feasible separation technology. And the design and operation of the RO process are relatively simple 

compared with the other traditional separation processes. Furthermore, the simultaneous achievement 

of the separation and concentration for diverse compounds is another merit of the RO process. This 

work contributed to the systematical understand of the permeate pH determining mechanism and to 

the validation of the practical issues in RO process. Summary and conclusions of this work are as 

follows: 

 

6.1 Investigation on the factors determining permeate pH in reverse osmosis membrane 

processes 

Membrane swelling caused by an increased surface charge density was the main factor 

contributing to the deterioration of the membrane performance at a lower (pH < 5) and higher (pH > 9) 

pH domain of the feed solution. Both the predicted values and the results of the laboratory filtration 

test indicated that a shift occurs in the pH, even with the use of carbonate-limiting feed water. This 

was a result of the deviation in the water dissociation constant during the filtration, which led to the 

dissociation of water molecules to return to the water dissociation constant. The carbonate species-

containing case showed a similar shift in the pH of the permeate, but it involved a lower critical pH 

than that for the carbonate species-limiting case. The depression in the critical pH in the carbonate-

containing case was due to the additional acid and base anions, such as H2CO3, HCO3
-
, and CO3

2-
, 

affecting the charge balance. These carbonate species also increased the dissociation of water to 

rearrange the carbonate species in the permeate water.   

A larger shift in the permeate pH from the feed pH was confirmed when the membrane had a 

higher salt rejection at a given feed pH, and this phenomenon could be considered to be analogous to 

the decrease in the shift of the pH for the permeate in the lower and higher pH domains of the feed 

solution. Furthermore, the shift in the pH of the permeate was not affected by the surface 

characteristics, including the surface charge, hydrophilicity and roughness. A restrictive variation in 

the individual ion rejection due to surface modification did not result in any noticeable changes in the 

pattern of the shift for the permeate pH. In some cases, there was a small difference between the 

predicted value and the real plant pH data, but the general trend of the shift in the pH of the permeate 

was consistent with the results of the prediction. 
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6.2 Long-term stability and permeate pH variation of low pressure RO Membrane 

operation  

The feasibility of low-pressure (high flow rate) RO elements was evaluated through the 

adoption of feed water with a high fouling potential and two types of commercial RO elements with 

different permeate flow rates. Both the FEn and FLR membranes exhibited quite similar surface 

characteristics with the only exception of permeability. The initial operating pressure difference at the 

beginning of the operation clearly originated from the intrinsic flow rate difference between the two 

RO elements. However, the operating pressure difference became diminished as the membrane 

fouling progressed. The continuous decrease of the normalized permeate flow (NPF) became larger 

according to the operation time due to the accumulative membrane fouling, and the degree of 

permeability decrease is more pronounced for the FLR vessel. The normalized salt passage (NSP) 

difference between the two vessels started to become larger just after the initial operation start-up 

point. The salt passage variation rate (SVR) of the FLR vessel was maintained at approximately 2.0 to 

2.5 times higher during the entire operation period. Evidently larger shift in the permeate pH from the 

feed pH was confirmed when the membrane had a higher salt rejection at a given feed pH values. 

Due to the higher permeability of the FLR membrane, the lead position element of the FLR 

vessel operated at a higher average flux compared with the FEn case, which led to a localized working 

load and an intensified membrane fouling. The individual RO element retest results, along with the 

instrumental analysis for the membrane coupons and foulants, further confirmed the more localized 

and intensified fouling in the FLR adopted case. The localization of fouling load within a pressure 

vessel in the LPRO applying case caused about 20% higher flux decline and almost 2-times higher 

salt passage inclination tendency than those of standard RO membranes. The RO system design 

simulation study with the adjustment of software input variables predicted that the energy saving 

capacity of LPRO membranes, which can be expressed as average operating pressure difference ratio 

(%) between two membranes, decreased from 24.4% to 17.8% and a substantial quantity of LPRO 

elements (83.3%) must be replaced to meet the designated water criteria only after 2 years operation. 

So, the LPRO application for high fouling potential feed water needs to be determined with a careful 

consideration regarding the total operation and maintenance (O&M) cost. 

 

6.3 Effect of feed spacer thickness on the fouling behavior and permeate pH variation in 

the RO process  

This study was undertaken in an attempt to validate the fouling reduction effects of thicker 

feed spacer in terms of normalized differential pressure (NDP) and fouling load distribution for a pilot 
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test using commercialized 8 inch RO elements. Both NDP of each pressure vessels and individual 

elements exhibited lower values in thicker feed spacer case. Also CIP more effectively washed out the 

fouling layer on the membrane in thicker spacer case. Specifically, it was possible to distribute fouling 

load more evenly by applying thicker feed spacer that enabled a more stable long-term RO system 

operation. Organic effluent foulants in lead position elements also tended to focus more on thinner 

spacer adopted elements. From this study, applying thicker feed spacer allowed a reduction in fouling, 

a decrease in membrane cleaning frequency, and prolonging the life cycle of the membranes. The 

permeate pH deviation gap between two spacer cases evidently became larger as the difference in salt 

rejection increased. These results further confirmed that the salt rejection capability of RO membrane 

had major effect on the permeate pH determination.  
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