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Abstract: Steam methane reforming (SMR) process is regarded as a viable option to satisfy the
growing demand for hydrogen, mainly because of its capability for the mass production of hydrogen
and the maturity of the technology. In this study, an economically optimal process configuration
of SMR is proposed by investigating six scenarios with different design and operating conditions,
including CO2 emission permits and CO2 capture and sale. Of the six scenarios, the process con-
figuration involving CO2 capture and sale is the most economical, with an H2 production cost of
$1.80/kg-H2. A wide range of economic analyses is performed to identify the tradeoffs and cost
drivers of the SMR process in the economically optimal scenario. Depending on the CO2 selling price
and the CO2 capture cost, the economic feasibility of the SMR-based H2 production process can be
further improved.

Keywords: steam reforming; hydrogen production; renewable energy; sensitivity analysis; global
warming

1. Introduction

Energy demand has steadily increased with the growing global economy [1]. Cur-
rently, energy generation systems rely heavily on fossil fuels, which lead to global warming,
mainly due to the accumulation of CO2 in the atmosphere [2]. Net emissions of CO2 by hu-
man activities must approach zero to stabilize global mean temperature [3]. Carbon capture
and utilization (CCU) and carbon capture and fixation (CCF) are promising approaches
for reducing emissions of greenhouse gases (GHGs) and depletion of fossil resources,
especially in the chemical industry [4]. For a more fundamental approach, however, it is
necessary to develop new energy resources as alternatives to conventional fossil fuels and
the corresponding energy generation systems [5]. A range of studies have been conducted
to address this problem, including production of biofuels from fructose [6], production
of drop-in fuels from biomass [7], analysis of energy systems utilizing various renewable
resources [8], analysis of potential emissions of GHG from proven reserves of fossil fuels [9].
Especially, hydrogen has received substantial attention as a feasible energy carrier to deliver
or store a tremendous amount of energy because of its clean properties [10]. In particular,
the potential of hydrogen as an energy carrier for hydrogen refueling stations [11] and
hydrogen fuel cell vehicles [12] has been reported.
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Hydrogen can be produced by various methods, such as coal and biomass gasification,
water electrolysis, and steam methane reforming (SMR) [13]. Coal and biomass gasifica-
tion requires high operating temperatures, thereby resulting in high energy demands to
produce small amounts of hydrogen [14]. Water electrolysis uses electricity generated from
renewable resources such as wind and solar energy to produce hydrogen [15]. This method
has environmental advantages, but because of its high capital cost for construction, it leads
to high hydrogen production costs and has limited capacity compared to that of industrial
hydrogen production [16]. Given the maturity of the technology and the capability of mass
production, SMR is seen as a viable option for hydrogen production in the near future.

As shown in Figure 1, the SMR process consists of steam reforming, WGS reaction,
and hydrogen purification, and is involved in a series of stages comprising natural gas
resource use, hydrogen consumption in industry and fuel cells, and CCU. Hydrogen can
potentially be used in a wide range of applications—transportation, industrial, residential,
and portable, however, only a fuel cell electric vehicle is shown in Figure 1 as an example
for simplicity.
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Many studies have been reported on SMR, but most of these studies have focused on
an individual SMR reactor design [17], a specific SMR reaction [18], a specific water–gas
shift (WGS) reaction [19], and the development of a new catalyst to improve the reaction
yield [20]. However, in addition to the concerns of individual reactors, enhancing the
efficiency and economics of the entire SMR system from a process perspective is important
for engineering companies to secure competitiveness. In the hydrogen production process,
operating conditions including the pressure of the reformer and the temperature of the WGS
reactor are adjustable and design conditions including the number of WGS reactors can also
be selected to improve process economics. Additionally, SMR is inevitably accompanied
by CO2 emissions, which need to be isolated to satisfy environmental regulations [21], e.g.,
using a moving bed adsorption process [22]. The integration of carbon capture and SMR
generally increases the cost of hydrogen production. Therefore, carbon capture is worth
considering in the design of the entire SMR process because it affects the economics of the
process [23].

No research has been conducted yet to investigate the economic feasibility of overall
hydrogen production using SMR under a variety of operating and design conditions,
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including carbon emission allowances and carbon capture and sales. The purpose of this
study is therefore to propose an optimal process configuration for an SMR-based hydrogen
production system from an economic point of view, considering these conditions. We
construct six scenarios according to different design and operating conditions and find
which one is the most economically feasible through comparison. For the optimal scenario,
a wide range of techno-economic analyses is performed to investigate the impact of key
process and economic parameters on process economics.

2. Methods
2.1. Process Description

An SMR process model was developed using a commercial simulator, Aspen Plus,
based on the experimental data obtained from the literature. Figure 2 shows the detailed
process flow diagram of the SMR process developed in this study (see Figures S1–S3 in
the Supplementary Materials for the process flow diagrams for Sc 2–4, respectively). The
process consists of four areas: (1) hydrogen production, (2) steam production, (3) hydrogen
purification, and (4) feed intake. A detailed description of each process area is given below.
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Figure 2. Process flow diagram of steam methane reforming.

Area 100 Hydrogen production: The flow rate of CH4 is adjusted to produce H2
at 500 kg/d. Steam (stream 204) and CH4 (stream NG1) are combined and supplied to
the steam methane reformer (R101) where CO and H2 are produced through a highly
endothermic reaction, in the presence of a nickel-based catalyst (Ru–Ni/Al2O3) [24]. The
steam to CH4 molar ratio is maintained at 3 to prevent coke deposition on the surface of
the catalyst [25]. The heating requirement of the reformer is satisfied by the heat released
from the combustion of the tail gas. The effluent from the reformer (stream 104) is then
routed to the WGS reactor (R102) where CO and steam are converted to additional H2 and
a coproduct of CO2. The WSG reaction occurs over a copper-promoted iron–chromium
oxide catalyst (Cu/Fe3O4–Cr2O3) to increase the amount of H2 while decreasing the CO
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content [24]. In the flash (F101), the water is separated as the bottom product (stream WAT)
and the gaseous mixture (stream 301) is discharged from the top and sent to the hydrogen
purification area for further treatment.

Area 200 Steam production: Steam is produced from deionized water using two heat
exchangers, E201 and E202. Approximately 46% of the demineralized water is supplied
from recycled water (stream WAT) separated from the flash drum (F101) and the remaining
54% is replenished from external sources (stream DI). The steam produced in this area is
used in reactors R101 and R102.

Area 300 Hydrogen purification: The gaseous product of F101 is a mixture of H2, H2O,
CO2, CO, and CH4. To meet the specification of H2 as the final product, the mixture is
purified using a pressure swing adsorption (PSA) process, as is often used in industrial
practice [26–29]. H2 (stream 303) is produced with 99.99% purity and 75% recovery. The
tail gas (stream 302) separated from the PSA process (PSA301) is sent to the feed intake
area and used for heat generation [30].

Area 400 Feed intake: This area includes three heat exchangers (E402, E403, and E404)
to preheat CH4, steam, and tail gas (streams NG, 101, and 402, respectively) using the heat
released from the flue gas (stream 404). The preheated streams 102 and 403 are then sent to
the reformer (R101).

See Tables S1–S4 in the Supplementary Materials for detailed process stream informa-
tion for Sc 1–4, respectively. Table 1 summarizes the main design and operating conditions
used in the four process areas of the proposed SMR process.

Table 1. Design and operating conditions in each process area of the developed process.

Parameters Values References

Area 100: Hydrogen production
Natural gas pressure (kPa) 800 [31]

Steam reformer temperature (◦C) 800 [25]
GHSV of steam reformer (m3/h·kg-cat.) 2.0 [32]

GHSV of high temperature of WGS reactor (m3/h·kg-cat.) 1.0 [33]
GHSV of low temperature of WGS reactor (m3/h·m3-cat.) 6000 [34]

Area 200: Steam production
Steam to CH4 molar ratio 3.0 [25]

Area 300: Hydrogen purification
H2 recovery 75% [24]

H2 purification 99.99% [24]
Operating pressure range (kPa) 2–800 Assumed

Area 400: Feed intake
Temperature of exhaust gas (◦C) 900 Assumed

2.2. Scenario Development

To investigate the effect of process design and operating conditions on process eco-
nomics, we developed six scenarios as shown in Table 2. We consider five different
conditions, namely reformer pressure, number of WGS reactors, WGS reactor temperature,
CO2 emission allowances, and CO2 capture and sales.

In Sc 2, the temperature of the WGS reactor is 250 ◦C. The higher temperature of the
WGS reactor increases the productivity of H2 but increases utility requirements at the same
time, leading to an increase in operating costs.

In industrial SMR processes, two WGS reactors operating at different temperatures
are usually introduced to increase the CO-to-H2 conversion rate. However, the additional
reactor leads to an increase in capital cost. To investigate this effect, Sc 3 with two WGS
reactors is considered.
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Table 2. Six scenarios of steam methane reforming process with different design and operat-
ing conditions.

Steam
Reformer

Pressure (kPa)

Number of
WGS

Reactors

WGS Reactor
Temperature

(◦C)

CO2
Emission

Allowances

CO2 Capture
and Sales

Sc 1 800 1 450 N N
Sc 2 800 1 250 N N
Sc 3 800 2 450, 250 N N
Sc 4 100 1 450 N N
Sc 5 800 1 450 Y N
Sc 6 800 1 450 Y Y

In this study, reformer pressures of 100 kPa and 800 kPa are considered. As the
reformer pressure decreases, the conversion rate of CH4 to H2 increases, while the amount
of fuel gas required for the reformer increases because of the decrease in the amount of
unreacted CH4, thus leading to a decrease in the energy content of the tail gas. Moreover,
when the reformer pressure is 100 kPa (Sc 4), an additional compression step is required
between the reformer and the PSA process.

The CO2 emission allowances is a cost to be paid and thus has a negative effect on the
economics of the process. It is assumed that CO2 is released into the atmosphere without
any restrictions when the CO2 emission allowances are not considered. In Sc 5, the CO2
emission allowances apply to 100% of the CO2 generated from the combustion of the
tail gas.

Sc 6 involves the capture and the sale of CO2 as a byproduct. 90% of the CO2 produced
from the combustion of the tail gas is captured and 10% of the remaining CO2 is applied
to the CO2 emission allowances. There is a large global market for CO2 and the demand
for CO2 continues to grow in various industrial sectors including refrigeration, food &
beverages, oil & gas, pharmaceuticals, rubber, and firefighting [35]. CO2 can also be used
in CCU [36] and CCF [37] technologies in cleaner ways. If SMR is combined with CCF, the
system is clean because no CO2 is released into the atmosphere. Detailed analysis on the
use of CO2 in CCU and CCF appeared to be beyond the scope of this work, therefore we
left it for later analysis.

2.3. Economic Evaluation

Table 3 lists the economic parameters and assumptions used in this study. All equip-
ment and material costs were adjusted to the common base year of 2015 using the Plant
Cost Index [38]. Equipment costs were estimated using a scaling expression based on
the equipment size and cost data provided in the National Renewable Energy Laboratory
(NREL) report [39].

Total capital investment (TCI) is calculated as the sum of fixed capital investment,
working capital, and land. The fixed capital investment consists of direct costs (the total in-
stalled equipment costs, warehouse, site development, and additional piping) and indirect
costs (project contingency, construction fees, and field expenses) [40]. Total operating costs
are calculated as the sum of variable operating costs including raw materials and fixed
operating costs including labor, maintenance, and property insurance [40]. The labor cost
including overhead was scaled based on the H2A model developed by NREL [39] while
other overhead costs, namely maintenance and property insurance, were calculated based
on the capital cost.

Calculations are performed using facilities of the Core Facility Center for Analysis of
Optoelectronic Materials and Devices of the Korea Basic Science Institute (KBSI).

2.4. Sensitivity and Uncertainty Analysis

We conduct a single-point sensitivity analysis to identify the key economic and process
parameters that most affect the H2 production cost. A total of nine parameters are investi-
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gated, including feedstock price, CO2 capture cost, and internal rate of return (IRR). Each
parameter is varied by ±20% from their original values while the remaining parameters
are maintained constant.

Table 3. Major economic parameters and assumptions.

Parameters Values References

Natural gas price ($/t) 239.0 [41]
Ru–Ni/Al2O3 catalyst (steam reformer) ($/kg) * 25.0 [24]

Cu/Fe3O4–Cr2O3 catalyst (WGS reactor) ($/kg) * 25.0 [24]
Adsorbent ($/kg) * 2.0 [24]

Deionized water ($/t) 14.5 [42]
CO2 emission allowances ($/t) 29.0 [43]

CO2 capture cost ($/t) 70.0 [43]
CO2 selling price ($/t) 80.0 [43]

Plant financing by equity (%) 40.0 [39]
Plant life (y) 20 [39]

Income tax rate (%) 35.0 [39]
Internal rate of return (%) 10.0 [39]

Interest rate for debt financing (%) 8.0 [39]
Term for debt financing (y) 10.0 [39]

Plant depreciation (y) 7.0 [39]
Average labor rate ($/h) 20.0 [39]

Land (% of fixed capital investment) 2.0 [39]
Working capital (% of fixed capital investment) 5.0 [39]

On-stream percentage after startup (%) 90.0 [39]
Startup time (y) 0.5 [39]

Revenue and costs during startup
Revenue (% of normal) 50.0 [39]

Variable costs (% of normal) 50.0 [39]
Fixed costs (% of normal) 75.0 [39]
Construction period (y) 1.0 [39]

* 10% of the catalyst and adsorbent is refurbished every three months at a cost equivalent to 40% of its origi-
nal value.

We can only identify the influence of a single parameter on process economics in
sensitivity analysis, not the overall effect. Therefore, based on the three influential param-
eters (feedstock price, CO2 capture cost, and IRR) identified in the sensitivity analysis,
uncertainty analysis is performed to quantify the risks and uncertainty associated with the
proposed process under unpredictable circumstances, using the Monte-Carlo simulation
method. We assume that the selected parameters follow a triangular distribution with
equal variation ranges. Two economic parameters, feedstock cost and CO2 capture cost,
are changed from ±10% to ±50% with a fixed IRR of 10%. Also, the IRR varies from 10%
to 20% while the two economic parameters change by ±20%.

3. Results and Discussion
3.1. Capital and Operating Costs

Table 4 shows the capital and operating costs of the six scenarios (see Tables S5–S8 in
the Supplementary Materials for the equipment costs calculated in Sc 1–4, respectively).
The TCI and total operating cost in Sc 1 are the lowest of all scenarios, at $902,183 and
$181,063/y, respectively (the TCI in Sc 1, 5, and 6 are calculated equally). This is due to
the low overall conversion from natural gas to hydrogen, which decreases the capital costs
of the hydrogen production and hydrogen purification process areas and the operating
costs owing to the reduced consumption of deionized water. The low temperature of the
WGS reaction causes a high equilibrium value, thus increasing the amount of H2 produced
from CO. Therefore, the low temperature (250 ◦C) of the WGS reaction in Sc 2 leads to
a larger reactor and a higher catalyst consumption, which in turn increases the TCI and
total operating cost by 4.8% and 0.92%, respectively, compared to Sc 1. In Sc 3, two WGS
reactors are employed, each operating at high (450 ◦C) and low (250 ◦C) temperatures. The
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TCI and total operating cost in Sc 3 increase by 19% and 1.5%, respectively, above those
in Sc 1 because of the additional WGS reactor. The TCI and total operating costs of Sc 4
are 35% and 16% higher than those of Sc 1, respectively, owing to the installation of the
additional compressor. In particular, the consumption of electricity and deionized water is
significantly increased owing to the low vapor pressure of the additional compressor. Sc 5
and 6 consider CO2 emissions and CO2 capture, increasing the total operating costs.

Table 4. Capital and operating costs in six scenarios.

Capital Costs ($)

Sc 1 Sc 2 Sc 3 Sc 4 Sc 5 Sc 6

A100: Hydrogen production 307,888 326,817 393,578 289,849 307,888 307,888
A200: Steam production 23,608 25,331 26,493 10,759 23,608 23,608

A300: Hydrogen purification 102,747 104,032 104,032 295,521 102,747 102,747
A400: Feed intake 12,347 11,842 12,210 11,827 12,347 12,347

Total installed equipment costs 446,590 468,021 536,312 607,956 446,590 446,590
Total direct costs 526,976 552,265 627,231 717,388 526,976 526,976

Total indirect costs 316,186 331,359 376,338 430,433 316,186 316,186
Fixed capital investment 843,162 883,624 1,003,569 1,147,821 843,162 843,162
Total capital investment 902,183 945,478 1,073,819 1,228,168 902,183 902,183

Operating Costs ($/y)

Sc 1 Sc 2 Sc 3 Sc 4 Sc 5 Sc 6

Feedstock 121,977 121,860 120,588 119,368 121,977 121,977
Ru–Ni/Al2O3 catalyst 462 438 438 420 462 462

Cu/Fe3O4–Cr2O3 catalyst 513 665 879 478 513 513
Adsorbent 1776 1813 1813 1940 1776 1776
Electricity 6215 6391 6391 30,434 6215 6215

Cooling water 834 783 696 834 834 834
Deionized water 13,652 14,434 14,434 16,056 13,652 13,652

CO2 emission allowances - - - - 40,632 40,632
CO2 capture - - - - - 88,270

Fixed operating costs 35,634 36,346 38,456 40,994 35,634 35,634
Total operating costs 181,063 182,730 183,695 210,524 221,696 273,397

In the six scenarios, the hydrogen production area accounts for the largest proportion
of the TCI: 34.1%, 34.6%, 36.7%, and 23.6% in Sc 1, 2, 3, and 4, respectively. This is because
multiple reactors are used, including the reformer and the WGS reactor, which accounts
for 67.4% of the total installed equipment cost in Sc 1. The next largest contributor is the
hydrogen purification area, owing to the high cost of the PSA unit. As for the operating cost,
the feedstock cost is the most dominant cost contributor in the six scenarios, accounting for
67.4%, 66.7%, 65.6%, and 56.7% of the total operating cost in Sc 1, 2, 3, and 4, respectively.

From the capital and operating costs, it is observed that the SMR process is eco-
nomically beneficial when the reformer pressure is 800 kPa and the temperature of the
WGS reaction is 450 ◦C with one reactor. In the next section, we consider the costs asso-
ciated with the emissions, capture, and sale of CO2 and investigate which scenario is the
most economical.

3.2. Hydrogen Production Cost

Figure 3 shows the costs and revenues of the six scenarios. The H2 production cost,
defined as the price of production at the breakeven point, is calculated using the discounted
cash flow methodology presented in the NREL reports [37,38] (see Tables S9–S14 in the
Supplementary Materials for detailed discounted cash flows for Sc 1–6, respectively). H2
production costs consist of feedstock costs, operating costs, capital depreciation, income
taxes, and return on investment calculated by the formula [44]. Sc 5 includes CO2 emission
allowances, and Sc 6 includes CO2 emission allowances, CO2 capture cost, and sales credit.
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As discussed in Section 3.1, the cost of H2 production increases from Sc 1 to 2, 3,
and 4 because of the use of a low-temperature WGS reactor, the addition of the low-
temperature WGS reactor, and the low pressure in the reformer, respectively. In Sc 5, the
CO2 emission allowances are applied to 100% of the CO2 generated from the burning of
the tail gas, adding a cost of $0.25/kg-H2. In Sc 6, the CO2 emission allowances are applied
to only 10% of CO2, increasing the cost by $0.025/kg-H2 because 90% of the generated
CO2 is captured. Among the six scenarios, Sc 6 shows the lowest H2 production cost of
$1.80/kg-H2 mainly due to the additional revenue from the sale of captured CO2, despite
the additional production cost required for CO2 capture. Therefore, the SMR process
configuration in Sc 6 is economically optimal with CO2 capture and sales.

3.3. Sensitivity Analysis

We perform a sensitivity analysis of Sc 6 to investigate the influence of main parameters
on the H2 production process, including CO2 capture, by varying key economic and
process parameters by ±20% from the base conditions, as shown in Figure 4. Among
the parameters, the feedstock cost is the most significant cost driver; a ±20% variation
of it leads to a ±8.3% variation in the H2 production cost. The second most important
cost driver is the CO2 capture cost; a ±20% variation of it leads to a ±6.1% change in
the H2 production cost. The third factor is the IRR, leading to a ±3.9% change in the H2
production cost with a ±20% change. The next important cost drivers are the GHSV of the
reformer, GHSV of the WGS reactor, and deionized water price, sequentially. Therefore,
the economics of the SMR process can be further improved with the lower feedstock price,
CO2 capture cost, and IRR.

Figure 5 shows a viability envelope for Sc 6, which is used to investigate the effect of
TCI and IRR on the H2 production cost according to the CO2 selling price. The general H2
production cost using SMR is between $1.70/kg-H2 and $2.09/kg-H2, as reported in the
literature [45], and shown in Figure 5. Figure 5a shows the change in H2 production cost
when the TCI in the base case is multiplied by a given multiplier (0.8 or 1.2), and the curves
in Figure 5b represent the change in H2 production cost for a 12.5% IRR and 15.0% IRR [46].
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When there is no change in TCI and IRR values, Sc 6 is economically viable if the CO2
selling price is between $60/t and $92/t and economically attractive if the CO2 selling price
is larger than $92/t because the H2 production cost is lower than the general production
cost range.

When the TCI is decreased by 0.8 times and the CO2 selling price is higher than $72/t,
then the H2 production cost is lower than the lowest H2 production cost of $1.70/kg-H2,
and the proposed process becomes economically favorable. When the TCI increases by
1.2 times, Sc 6 becomes economically attractive if the CO2 sells for higher than $114/t.

Even if the IRR increases by 12.5% or 15.0%, the H2 production cost remains within the
general H2 production cost range if CO2 sells for lower than $105/t or $118/t, respectively.
In addition, it enters the cost preference area if CO2 sells for higher than $105/t or $118/t
for a 12.5% or 15.0% IRR, respectively.
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3.4. Uncertainty Analysis

From the results of the sensitivity analysis in the previous section, feedstock price,
CO2 capture cost, and IRR are identified as critical parameters. We perform the Monte
Carlo simulations (10,000 trials) for Sc 6 to quantify the uncertainty in the H2 production
cost by randomly sampling from the triangular distribution of these three parameters [47].

Figure 6a shows the cumulative probability of H2 production cost with two economic
parameters (feedstock cost and CO2 capture cost) ranging from ±10% to ±50% for a fixed
IRR of 10%. The range of ±10% results in an increase in the H2 production cost from
$1.68/kg-H2 to $1.92/kg-H2, while a range of ±50% results in a larger change in H2
production cost from $1.22/kg-H2 to $2.40/kg-H2. This implies that the fluctuations in the
H2 production cost increase as the uncertainty of the two influential costs increases.
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economic parameters from ±10% to ±50% and a fixed internal rate of return of 10%, and (b) different internal rates of
return from 10.0% to 20.0% and two key parameters (feedstock cost and CO2 capture cost) of ±20%.

The cumulative probability also varies with IRR difference (10.0–20.0%), as shown in
Figure 6b. with the two key economic parameters (feedstock cost and CO2 capture cost) of
±20%. The cumulative probability curves indicate that as the IRR decreases, the probability
of a low H2 production cost increase. When the IRR is 20.0%, the H2 production cost
corresponding to a cumulative probability of 0.5 is $ 2.17/kg-H2; the lower bound (when
the cumulative probability is 0) and the upper bound (when the cumulative probability
is 1) are $1.93/kg-H2 and $2.40/kg-H2, respectively.

The CO2 capture cost and CO2 selling price affect the H2 production cost. Accordingly,
we further study the attributes associated with CO2, including CO2 capture rate and
CO2 emission allowances as well as CO2 capture cost and CO2 selling price, as shown
in Figure 7. The white line is the production cost of the base case ($1.80/kg-H2). The
upper left and lower right regions of the white line indicate unfavorable and favorable
economics, respectively.
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Figure 7. H2 production cost as a function of (a) CO2 capture cost and CO2 selling price, and (b) CO2

capture rate and CO2 emission allowances.

Figure 7a shows the changes in the H2 production cost against the changes in the CO2
selling price and CO2 capture cost. The H2 production cost is determined by the ratio of
CO2 capture cost to CO2 selling price, resulting in H2 production costs represented by the
values in the straight line. The low CO2 selling price and high CO2 capture cost cause a
prohibitive region of the H2 production cost, whereas the high CO2 selling price and low
CO2 capture cost drive it into a favorable economic region.

Figure 7b shows the changes in the H2 production cost against the changes in the
CO2 capture rate and CO2 emission allowances. The white line in Figure 7b is not straight
because of the small effect of CO2 emission allowances on the H2 production cost when
the CO2 capture rate is high and the large effect of CO2 emission allowances on the H2
production cost when the CO2 capture rate is low. As can be seen in Figure 7a,b, the CO2
selling price is a more dominant parameter in determining the H2 production cost than the
CO2 emission allowances if the CO2 capture is considered.

4. Conclusions

Steam methane reforming (SMR) is a well-developed technology for the mass pro-
duction of hydrogen. So far, research on SMR has focused on increasing the reaction
yield of individual processes. In this study, we proposed an economically optimal process
configuration to improve the economics of the SMR process from a process perspective. To
this end, six scenarios were developed with different design conditions of the number of
water–gas shift (WGS) reactors, CO2 capture, and CO2 emissions and operating conditions
of the pressure of the reformer and temperature of the WGS reactor. As a result, it was
found that the optimal SMR process had the lowest H2 production cost at $1.80/kg-H2.
With a hydrogen production capacity of 500 kg/d, the optimal process configuration and
operating conditions were proposed: a pressure of 800 kPa in the reformer, temperature of
450 ◦C in one WGS reactor, and CO2 capture and sales. It is also noted that the efficient
utilization of CO2 will enable the mass production of hydrogen as a potential energy carrier.
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